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Gasification

This chapter provides a description of the coal-based power generation and
integrated environmental control systems selected for case studies in this research.
An advanced system was selected on the basis of promising costs, plant
performance, and emission reductions. A baseline system, representative of
conventional technology, was also selected for the purpose of comparative analysis.
The engineering performance, emissions, and cost models of each system are also
described.

Overview of Gasification Systems

Gasification systems are a promising approach for clean and efficient power
generation as well as for polygeneration of a variety of products, such as steam,
sulfur, hydrogen, methanol, ammonia, and others (Philcox and Fenner, 1996). As of
1996, there were 354 gasifiers located at 113 facilities worldwide. The gasifiers use
solid fuels (petroleum residuals, petroleum coke, refinery wastes, coal, and other
fuels) as inputs, and produce a synthesis gas containing carbon monoxide (CO),
hydrogen (H;), and other components. The syngas can be processed to produce
liquid and gaseous fuels, chemicals, and electric power. In recent years, gasification
has received increasing attention as an option for repowering at oil refineries, where
there is currently a lack of markets for low-value liquid residues and coke (Simbeck,
1996).

A general category of gasification-based systems is Integrated Gasification
Combined Cycle (IGCC) systems. IGCC is an advanced power generation concept
with the flexibility to use coal, heavy oils, petroleum coke, biomass, and waste fuels
to produce electric power as a primary product. IGCC systems typically produce
sulfur as a byproduct. Systems that produce many co-products are referred to as
"polygeneration" systems. IGCC systems are characterized by high thermal
efficiencies and lower environmental emissions than conventional pulverized coal
fired plants (Bjorge, 1996).

A generic IGCC system is illustrated schematically in Figure 1. In an IGCC power
plant, the feedstock to the gasifier is converted to a syngas, composed mainly of
hydrogen and carbon monoxide, using a gasification process. After passing through a
gas cleanup system, in which particles and soluble gases are removed via wet
scrubbing and in which sulfur is removed and recovered via a selective removal
process, the syngas is utilized in a combined cycle power plant. Different variations
of IGCC systems exist based upon the type of coal gasifier technology, oxidant (e.g.,
oxygen or air), and gas cleanup system employed.
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Figure 1. IGCC Schematic Diagram

A typical IGCC system includes process sections of
e  Fuel Handling
e  Qasification
e High-Temperature Gas Cooling
e Low Temperature Gas Cooling and Gas Scrubbing
e Acid Gas Separation
e  Fuel Gas Saturation
e  Gas Turbine
e Heat Recovery Steam Generator
e Steam Turbine
o  Sulfur Byproduct Recovery

The specific design of each of the process sections such as gasification and high-
temperature gas cooling varies in different IGCC systems.
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Gasification Types

Three generic designs of gasification are typically employed in IGCC systems, each
of which is described below. In all types of reactors, the feedstock fuel is converted
to syngas in reactors with an oxidant and either steam or water. The oxidant is
required to partially oxidize the fuel. The exothermic oxidation process provides heat
for the endothermic gasification reactions. Water or steam is used as a source of
hydrolysis in the gasification reactions. The type of reactor used is the primary basis
for classifying different types of gasifiers.

Moving-Bed or Counter-Current Reactors

Moving bed reactors feature counter-current flow of fuel with respect to both the
oxidant and the steam. For example, in the case of coal gasification, coal particles of
approximately 4 mm to 30 mm (Simbeck et al., 1983) in diameter are introduced at
the top of the reactor, and move downward. Oxidant is introduced at the bottom of
the reactor. A combustion zone at the bottom of the reactor produces thermal energy
required for gasification reactions, which occur primarily in the central zone of the
reactor. Steam is also introduced near the bottom of the gasifier. As the hot gases
from combustion and gasification move upward, they come into contact with the fuel
introduced at the top. The heating of the fuel at the top of the reactor results in
devolatilization, in which lighter hydrocarbon compounds are driven off and exit as
part of the syngas. Because the gases leaving the gasifier contact the relatively cool
fuel entering the gasifier, the exit syngas temperature is relatively low compared to
other types of reactors. The counter-current flow of fuel with the oxidant and steam
can result in efficient utilization of the fuel, as long as the residence time of the fuel
is long enough for even the larger particles to be fully consumed. Ash and
unconverted fuel exit the bottom of the gasifier via a rotating grate.

A typical syngas exit temperature for a moving bed gasifier is approximately 1,100
°F. At this temperature, some of the heavier volatilized hydrocarbon compounds,
such as tars and oils, will not be cracked and can easily condense in downstream
syngas cooling equipment. Because fuel is introduced at the top of the gasifier where
the syngas is exiting, this type of gasifier cannot handle fine fuel particles. Such
particles would be entrained with the exiting syngas and would not be converted to
syngas in the reactor bed. Cyclones are typically used to capture fine particles in the
syngas, which are often sent to a briquetting facility to form larger particles and then
recycled to the gasifier for another attempt at conversion.

An overall measure of gasifier performance is the cold gas efficiency. The cold gas
efficiency is the ratio of the heating value of "cold" syngas, at standard temperature,
to the heating value of the amount of fuel consumed/required to produce the syngas.
The cold gas efficiency does not take into account recovery of energy in the gasifier
such as through steam generation or associated with sensible heat of the syngas at
high temperatures. Moving bed gasifiers tend to have very high cold gas efficiencies,
with values in the range of 80 to 90 percent.

Typical examples of such reactors are Lurgi dry bottom gasifiers and the British
Gas/Lurgi slagging gasifiers.

Fluidized-Bed Gasifiers

Fluidized bed reactors feature rapid mixing of fuel particles in a 0.1 mm to 10 mm
size range with both oxidant and steam in a fluidized bed. The feedstock fuel,
oxidant and steam are introduced at the bottom of the reactor. In these reactors,
backmixing of incoming feedstock fuel, oxidant, steam, and the fuel gas takes place
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resulting in a uniform distribution of solids and gases in the reactors. The
gasification takes place in the central zone of the reactor. The coal bed is fluidized as
the fuel gas flow rate increases and becomes turbulent when the minimum fluidizing
velocity is exceeded.

The reactors have a narrow temperature range of 1800 °F to 1900 °F. The fluidized
bed is maintained at a nearly constant temperature, which is well below the initial
ash fusion temperature to avoid clinker formation and possible defluidization of the
bed. Unconverted coal in the form of char is entrained from the bed and leaves the
gasifier with the hot raw gas. This char is separated from the raw gas in the cyclones
and is recycled to the hot ash agglomerating zone at the bottom of the gasifier. The
temperature in that zone is high enough to gasify the char and reach the softening
temperature for some of the eutectics in the ash. The ash particles stick together,
grow in size and become dense until they are separated from the char particles, and
then fall to the base of the gasifier, where they are removed.

The processes in these reactors are restricted to reactive, non-caking coals to
facilitate easy gasification of the unconverted char entering the hot ash zone and for
uniform backmixing of coal and fuel gas. The cold gas efficiency is approximately
80 percent (Supp, 1990). These reactors have been used for Winkler gasification
process and High-temperature Winkler gasification process. A key example of
fluidized gasification design is the KRW gasifier.

Entrained-Flow Reactors

The entrained-flow process features a plug type reactor where the fine feedstock fuel
particles (less than 0.1 mm) flow co-currently and react with oxidant and/or steam.
The feedstock, oxidant and steam are introduced at the top of the reactor. The
gasification takes place rapidly at temperatures in excess of 2300 °F. The feedstock
is converted primarily to H,, CO, and CO, with no liquid hydrocarbons being found
in the syngas. The raw gas leaves from the bottom of the reactor at high temperatures
0f 2300 °F and greater. The raw gas has low amounts of methane and no other
hydrocarbons due to the high syngas exit temperatures.

The entrained flow gasifiers typically use oxygen as the oxidant and operate at high
temperatures well above ash slagging conditions in order to assure reasonable carbon
conversion and to provide a mechanism for slag removal (Simbeck et al., 1983).
Entrained-flow gasification has the advantage over the other gasification designs in
that it can gasify almost all types of coals regardless of coal rank, caking
characteristics, or the amount of coal fines. This is because of the relatively high
temperatures which enable gasification of even relatively unreactive feedstocks that
might be unsuitable for the lower temperature moving bed or fluidized bed reactors.
However, because of the high temperatures, entrained-flow gasifiers use more
oxidant than the other designs. The cold gas efficiency is approximately 80 percent
(Supp, 1990). Typical examples of such reactors are GE gasifiers and E-Gas
gasifiers.

The advantage of adopting entrained flow gasification over the above mentioned
reactors is the high yield of synthesis gas containing insignificant amounts of
methanol and other hydrocarbons as a result of the high temperatures in the
entrained-flow reactors.

GE gasification is a specialized form of entrained flow gasification in which coal is
fed to the gasifier in a water slurry. Because of the water in the slurry, which acts as
heat moderator, the gasifier can be operated at higher pressures than other types of
entrained-flow gasifiers. Higher operating pressure leads to increased gas production
capability per gasifier of a given size (Simbeck ef al., 1983)
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In this study, we focus on modeling assessment of entrained flow gasification.
Assessments of moving bed and fluidized bed gasifier based systems have been done
in previous work (Frey and Rubin, 1992a, 1992b, Frey et al., 1994, Frey, 1998).

Gasification Cooling Types

High Temperature Gas Cooling

The design of the high temperature syngas cooling process area depends on the type
of gasifier used. The gas cooling requirements for entrained flow gasification
systems are more demanding than for other gasification systems as the former
produce syngas at higher temperatures. Typically, the gas cooling process for
systems employing entrained flow gasification systems either use heat exchangers to
recover thermal energy and generate steam or use water quenching. The former
design can be radiant and convective or radiant only, while the latter is known as
total quench high temperature gas cooling. The former is more efficient as it can
produce high temperature and pressure steam, whereas the latter is much less
expensive (Doering and Mahagaokar, 1992).

Radiant and Convective Syngas Cooling Design

The design of a radiant and convective gasification system is shown in Figure 2.
Each gasifier has one radiant cooler and one convective cooler. The hot syngas is
initially cooled in a radiant heat transfer type of heat exchanger. High pressure steam
is generated in tubes built into the heat transfer surface at the perimeter of the
cylindrical gas flow zone. The molten slag drops into a slag quench chamber at the
bottom of the radiant gas cooler where it is cooled and removed for disposal. The gas
leaves the radiant cooler at a temperature of approximately 1500 °F.

The syngas from the radiant heat exchanger flows into a convection type of heat
exchanger. In the convective heat exchanger, the syngas flows across the boiler tube
banks. These tubes help remove the entrained particles in the syngas that are too fine
to drop out in the bottom of the radiant cooler. High pressure steam is generated in
these tubes. The cooled gas leaves the convective chamber at a temperature of
approximately 650 °F.
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Figure 2. Radiant and Convective High Temperature Syngas Cooling Design

Radiant Only Syngas Cooling Design

The hot syngas is cooled initially in the radiant cooler and high pressure steam is
generated as in the radiant and convective design. However, in this case both the
molten slag and the raw gas are quenched in the water pool at the bottom of the
radiant cooler. The cooled slag is removed from the cooler for disposal. The raw gas,
saturated with moisture, flows out of the radiant cooler at a temperature of
approximately 400 °F.

Total Quench Design

The total quench design is depicted in Figure 3. In this design, the hot syngas and the
molten slag particles flow downward through a water spray chamber and a slag
quench bath. Water is sprayed just beneath the partial oxidation chamber to cool the
hot syngas. The entrained slag is separated from the syngas in the slag quench bath
(Nowacki, 1981). There is no high pressure steam generation in this method as in the
previous two designs since there is no heat recovery. The raw gas saturated with
moisture flows to the gas scrubbing unit at a temperature of 430 °F.
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In this study, both the radiant and convective and the total quench high temperature
syngas cooling designs are evaluated. The radiant and convective design has the
advantage over total quench syngas cooling of a higher plant efficiency. However,
the cost of the radiant and convective design is higher than that of the total quench
design. The total quench design results in increased moisturization of syngas, which
can prove effective in terms of preventing NOy formation in the gas turbine
combustor and in terms of augmenting power production from the gas turbine. In a
water quench system, large quantities of water are used and thus contaminated by the
slag, requiring complex primary and secondary treatment facilities. Hence total
quench design has additional operating problems such as those caused due to
increased water treating facilities, increased discharge water permitting issues, and
added operating and maintenance costs when compared to radiant and convective
design (Doering and Mahagaokar, 1992).

Commercial Status of Gasification Systems

The IGCC concept has been demonstrated commercially. Table 1 lists the IGCC
plants currently in operation or undergoing construction. The GE coal gasification
process has been successfully used in a number of chemical plants since the early
1980s for the production of synthesis gas from coal. A GE-based 95 MW IGCC
power plant was operated successfully from 1984 to 1988 in California (Simbeck et
al., 1996). API Energia, a joint venture of Asea Brown Boveri and AP, adopted GE
gasification to gasify visbreaker residue from an API refinery to produce steam and
power. Tampa Electric Company’s Polk Power station also utilizes GE gasification,
gasifying about 2,000 tons of coal per day to produce 250 MW of power. The El
Dorado gasification project demonstrates that hazardous waste streams can be
converted by gasification to valuable products. (Farina et al., 1998).

An E-Gas gasifier-based IGCC power plant at Wabash River Station is currently
under operation (Simbeck ef al., 1996). A 335 MW IGCC demonstration plant for
European electricity companies is operating at Puertollano, Spain (Mendez-vigo et
al., 1998). The GE gasifier-based El Dorado plant, the Shell-Pernis plant in The
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Netherlands, and the Sarlux plant in Italy use low pressure (38 barg) GE gasification
to produce hydrogen and/or steam along with power (Bjorge et al., 1996).

Table 1. IGCC Projects under Operation or Construction

Project Location VD P!ant Products Gasifier [Fuel
Date Size
Cool Water Barstow, 1984 120 MW | Power GE Coal
IGCC California
PSI Wabash Terre 1996 262 MW | Power E-Gas Coal
. Haute,
River .
Indiana
Tampa Polk, 1996 250 MW | Power GE Coal
Electric Florida
Pinon Pine Sparks, 1996 100 MW | Power KRW Coal
Sierra Pacific | Nevada
GE El Dorado, | 1996 40 MW | Co-generation | GE Pet
El Dorado Kansas Steam and H, Coke
Shell Pernis Netherlands 1997 120 MW | Co-generation Shell./ il
H, Lurgi
Sarroch, 1998 550 MW | Co-generation GE il
Sarlux
Italy Steam
. Falconara | 1999 234 MW | Power GE il
API Energia .
Marittima
Puertallano 1997 335 MW | Power Prenflo Coal

Overall Plant Efficiency

Net Power Output and Plant Efficiency

The net plant power output is the total power generated from the gas turbines and
steam turbines less the total auxiliary power consumption. The gas and steam
turbines have been modeled as a series of compressors and turbines. This unit
operation block requires outlet pressure and isentropic efficiencies as parameters.
The power consumed by the compressors and the power generated by the turbines
are calculated by the performance model. The net power output in MW is given by

MW, = MWgr + MWgr - We aux )

The net plant efficiency on a higher heating value basis is given by

n:3.414x106% )
M ey x HHV

where,

1 = net plant efficiency.
M, cn, i = Coal feed rate, 1b/hr.
HHYV = Higher heating value of fuel, BTU/Ib.
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Economics

Total Plant Costs

The total plant costs of an IGCC power plant include the process facilities capital
costs, indirect construction costs, engineering and home office fees, sales tax,
allowances for funds used during construction (AFUDC), project contingency, and
total process contingencies.

The equations for the plant cost model are the same as those given in Frey and Rubin
(1990) and are not repeated here. However, the model is briefly described.

Indirect construction costs include worker benefits, supervision and administrative
labor, purchased and rented construction equipment, and construction facilities.
Engineering and home office fees include the costs associated with engineering,
office expenses, and fees or profit to the engineer. Sales tax cost is specific to the
state where the power plant is constructed and is estimated as the tax on material
costs. AFUDC is the estimated debt and equity costs of capital funds necessary to
finance the construction of new facilities. Startup costs include one month of fixed
operating costs and one month of variable costs based on full plant capacity.

Process contingency is used in deterministic cost estimates to quantify the expected
increase in the capital cost of an advanced technology due to uncertainty in
performance and cost for the specific design application. Project contingency is used
in deterministic cost estimates to represent the expected increase in the capital cost
estimate that would result from a more detailed estimate for a specific project at a
particular site.

Total Capital Requirement

The total capital requirement (TCR) includes the total plant investment, prepaid
royalties, spare parts inventory, preproduction (or startup) costs, inventory capital,
initial chemicals and catalyst charges, and land costs. The methodology for
calculating TCR is given in detail in Frey and Rubin (1990).

Annual Costs

The annual costs of an IGCC plant consists of fixed and variable operating costs. The
fixed operating costs are annual costs including operating labor, maintenance labor,
maintenance materials, and overhead costs associated with administrative and
support labor. The variable operating costs include consumables, fuels, slag and ash
disposal, and byproduct credits. For more details on the annual cost models, please
refer to Frey and Rubin (1990).

Levelized Costs

The total capital requirement, fixed operating cost, and operating variable cost are
used to calculate the cost of producing electricity that is available for sale from the
power plant, based on the net electrical output from the power plant. The calculated
cost of electricity is also known as total annualized cost and is the levelized annual
revenue requirement to cover all of the capital and operating costs for the economic
life of the plant.
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[1,000 . TCR + f,or (FOC +VOC)] (LOOOWHSJ
C. = dollar )

elec = MW, 8,760c,

where,
Celec = cost of electricity ( mills / kWh)

TCR = Total capital requirement in $1,000
FOC = Fixed operating costs in dollars
VOC = Variable operating costs in dollars
MW, = Net power output ( MW)

f.. = Fixed charge factor

f..r = Variable levelization cost factor

C¢ = Capacity Factor

12 e Gasification IECM Technical Manual for IGCC



Oxidant Feed

Nomenclature

Nox= 0Xygen purity (vol%)

n= isothermal efficiency of the compressor (fraction)

Mo g, = oxygen flow rate into gasifier (Ib-mole/hr)

No. or = number of operating trains in oxidant feed system

Nt or = total number of trains in oxidant feed system (operating and spare)
P; = input pressure to compressor (kPa)

P, = product pressure to gasifier (kPa)

T, = ambient air temperature (°F)

V = volumetric flow rate (m*/sec)

Oxidant Feed Process Description

Cryogenic air separation units (ASU) are used over a wide range of flow rates and
purities. Cryogenic plants are capable of producing oxygen at purities exceeding
99.5%. They are used exclusively for large-scale oxygen production, ranging from
600 tons per day to over 8000 tons per day.

Historically, most gasifier systems have used high purity oxygen instead of
atmospheric air. Japanese development, however, has concentrated on air blown
systems.

The basic advantages of oxygen blown gasification are:
e reduced gasifier size and subsequent lower cost;
e higher syngas heating value;

o smaller gas handling and cleanup equipment due to lower syngas
volume and subsequent lower cost;

e smaller heat exchangers to recover sensible heat from the syngas prior
to cleanup.

The disadvantage of using high purity oxygen as an oxidant is the higher complexity
of plant integration required. Hence, controlling and operating a power plant
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becomes more closely associated with running a chemical plant. Matching the
requirements for availability, reliability and flexibility of operation (for example, to
load follow) at a competitive cost over a long period are the major challenges.
Auxiliary power consumption in oxygen blown systems is estimated to be 10-15%,
twice that of an air-blown system.

The oxidant feed section modeled is applicable to oxygen-blown gasification
systems or advanced combustion systems (e.g., oxyfuel). A typical air separation
plant consists of two parallel operating trains. There are typically no spare trains
because product availability is greater than 99% from large plants (Alstom, 2003).
Each train includes an air compression system, air separation unit and an optional
oxygen compression system. The oxygen plants produce an oxidant feed to the
gasifier containing typically 95 to 98 percent oxygen on a volume basis. It is possible
to recover argon as a saleable byproduct from high purity oxygen plants operating at
a purity rate of 99.5 percent oxygen or greater; however, the available data are not
for the oxygen purity levels and plant designs required to do this. The oxygen plants
used to determine costs are commercially available.

This process section typically has an air compression system, an air separation unit,
and an oxygen compression system per train. The oxygen compression system is not
treated for power plant types that operate at or near atmospheric pressure. The
minimum number of operating trains is two and there are no spare trains. The
number of trains depends on the total mass flow rate of oxygen.

Cryogenic Distillation

The heart of the cryogenic distillation process is the distillation column. It is in this
column that air is separated into its components. The difference in the boiling points
of the components of air is the driving principle behind the operation of the column.
This is illustrated by Figure 4. This figure shows the temperature versus
composition of air, treated as a binary mixture of nitrogen and oxygen. The upper
line is the dewpoint line, when liquid drops start to form in gas as air is cooled. The
lower line is the bubble line, when gas bubbles first form in liquid as air is warmed.
The boiling point of pure oxygen (0% nitrogen) is shown by the top left point on the
graph, at -292°F. The boiling point of pure nitrogen is shown by the bottom right
point on the graph, at -316°F. Atmospheric air contains 0.93% argon by volume,
which has a boiling point of 303°F. As this is much closer to the boiling point of
oxygen than nitrogen, most of the argon in air will go with the oxygen through the
main distillation column. Thus air can be treated as 78% Nitrogen and 22% oxygen
for the purposes of this discussion.
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Figure 4. Equilibrium diagram with stage separation (Baukal, 1998)

Following the dark, lettered line shows how the separation process occurs. Ambient
air (A) is cooled below the dew point (B) to a temperature between the bubble point
and the dew point (C). The air is now a mixture of liquid and gas, and is pumped
into a column. The mixture is allowed to settle on a tray in the distillation column
until it reaches thermal equilibrium and the liquid and vapor phases separated. The
liquid phase (E) is now richer in oxygen and the gas phase (D) is richer in nitrogen.

The oxygen-rich liquid is now removed and heated slightly until it is at a temperature
between the liquid and bubble lines. As a result of the heating the liquid becomes a
froth of vapor and liquid. This mixture is allowed to cool until it reaches thermal
equilibrium and the vapor (H) and liquid (I) phases separate. The liquid, which is
now richer in oxygen than both points (A) and (E), is removed and heated again.

The cycle continues until the desired purity of oxygen is reached. The vapor (H) is
mixed with another “batch” of liquid from (E), providing the heat to turn the liquid
into foam.

The nitrogen-rich vapor (D) is cooled slightly until is a foam again. It is then
allowed to reach equilibrium, where it separates into vapor (F) and liquid (G) phases.
The vapor, now richer in nitrogen then both (A) and (D), is removed and cooled
again. The cold liquid (G) is recycled back into the vapor (D), providing the cooling
for that stream.

In the distillation column, each separation and equilibrium occurs on a sieve tray.
These are metal trays with many small holes that allow vapor to bubble through them
into liquid on the tray. When the foam on a tray separates into vapor and liquid, the
vapor will rise up to the tray above, and bubble through into the liquid. The liquid
that forms will overflow a short wall and fall to the next tray downward. In a
column, there is a constant flow of rising vapor and a counter flow of descending
liquid. As the vapor moves upwards through the trays it becomes colder and richer
in nitrogen. As the liquid flows downward through the trays it becomes warmer and
richer in oxygen. The number of trays in the column determines the purity of the
products.
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ASU Process Areas

The ASU can be separated into several steps, each important in efficiently separating
oxygen from the air. Figure 5 shows a diagram of the entire cryogenic process. The
sections that follow will describe the various sub-sections.
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Figure 5. Air Separation Unit Process Flow Diagram (Alstom, 2003)

Air Compression

Ambient air is drawn through an air separation filter house (ASFH) for the removal
of dust and large airborne particles prior to entering the three stage main air
compressor (MAC). The compressor can be treated as isothermal. The filtered air is
compressed in the MAC to approximately 550 kPa (65 psig) and then flows through
the two-stage direct contact after-cooler (DCA). Air is cooled by exchanging heat
with cooling water in the first stage and with chilled water provided by a mechanical
chiller in the second stage.

Pre-purification

The after-cooled air is then passed through the pre-purification system. The pre-
purification system uses a two bed temperature-swing adsorption (TSA) process that
allows continuous operation. One bed purifies the feed air while the other bed is
being regenerated with first hot then cool waste nitrogen. A natural gas regeneration
heater provides regeneration energy. The pre-purifier beds utilize a split adsorbent
design (molecular sieve and alumina) to remove water, carbon dioxide, and most of
the hydrocarbons from the air stream. Since water and carbon dioxide have boiling
points well above that of nitrogen and oxygen, they would freeze in the main heat
exchanger and eventually block air flow. The hydrocarbons would be an extremely
dangerous impurity in an oxygen stream. After pre-purification, the air stream is
passed through a dust filter to remove any solid particles.

Air Feed Streams

The treated air enters a large, heavily insulated building containing the distillation
columns and all of the cryogenic equipment. For larger plants this building can be
10 stories tall. This building is called the cold box as the temperature inside is always
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below -250 F. There are also conventional refrigeration systems to compensate for
heat leaks and other non-idealities in the cold box.

The cold box requires one air feed stream. This stream is sent through the Primary
Heat Exchanger (PHX) and then split into three streams. One stream is fed to the
oxygen boiler. A second air stream (turbine air) is cooled partially in the PHX and
fed to the upper column turbine (UCT). Adjusting the turbine airflow can modulate
the total amount of refrigeration generated by the cold box. A third air stream is fed
to the bottom of the lower column. These three streams are described in the next
section.

Cold Box

Early cryogenic designs had a single distillation column and were inefficient and
incapable of producing oxygen at very high purities. The two column design, as
shown in Figure 5, solved both problems. The two columns are thermally linked by a
reboiler, a heat exchanger that prohibits mixing of fluids. The double column design
has not changed since its introduction in the 1930’s. The upper column is under low
pressure and the lower column is under high pressure.

The air stream to the oxygen boiler is cooled and condensed against product oxygen
and waste nitrogen streams. The outgoing product oxygen stream and waste nitrogen
stream are heated from cryogenic temperatures up to approximately ambient
temperature. The cooled air stream is sent to both the upper and lower columns.

The turbine air stream is also cooled against warming nitrogen and oxygen streams.
It is drawn from an intermediate location between the warm leg and the cold leg of
the PHX. It is then expanded and cooled in the upper column turbine (UCT). The
UCT drives a generator that provides power for the plant. The UCT air stream enters
two-thirds of the way down the upper (low-pressure) distillation column. Injecting
this stream directly into the low-pressure column increases mixing and thus the
effectiveness of the column.

The cooled air stream entering the lower column is separated into nitrogen at the top
and oxygen-enriched air (kettle liquid) at the bottom. The crude liquid oxygen at the
bottom is approximately 45% pure. Argon is removed at this point to allow oxygen
product purity of greater than 97% later. The nitrogen at the top of the column is
condensed in the main condenser against boiling oxygen from the upper column. A
portion of the condensed nitrogen from the main condenser is used as reflux for the
lower column. The remainder is sub-cooled in the cross flow passages in the nitrogen
superheater section of the PHX against warming gaseous nitrogen streams from the
upper column. This sub-cooled liquid nitrogen stream then enters the top of the
upper column as reflux. The kettle liquid is sub-cooled in the cross flow passes of the
nitrogen superheater section of the PHX and then enters the upper about 2/3 of the
way down the column.

The upper column also produces waste nitrogen from the top. This nitrogen may be
further purified in the upper column and sold as a by-product. The gaseous nitrogen
stream is the coldest stream in the plant and is often used to subcool other streams
within the coldbox, as illustrated in Figure 5. The nitrogen is warmed in all sections
of the PHX to near-ambient temperatures. The product oxygen is boiled in the
oxygen boiler against the condensing air stream and exits as product.

The upper column produces high purity liquid oxygen. The liquid oxygen falls to the
bottom of the column. Unlike the high-pressure column, this liquid is high purity
product. When LOX product is desired, it can be taken from this pool. However, this
results in a loss of plant efficiency and a lower gaseous oxygen output. Since oxyten
needed for combustion is usually gaseous, it is assumed that large quantities of LOX
are not needed. The liquid at the bottom of the column is sent through the reboiler,

IECM Technical Manual for IGCC

Oxidant Feed o 17



where it is boiled by the heat of the condensing nitrogen in the high-pressure column.
This high purity gas is piped out of the low-pressure column and sent through the
main heat exchanger (PHX), where it cools the incoming air. The product oxygen
exits near ambient temperature and 115 kPa (2 psig). If high-pressure product is
desired, the oxygen is compressed by oxygen compressors.

Oxidant Feed Performance Model

Gas Flow — Gasification

IGCC systems operate at high pressures and require a pressurized oxidant feed. The
IGCC power plant is modeled to consist of 95 percent pure oxygen at 250 °F and 734
psia. The mass flow rate of oxidant is set to match the molar flow rate of oxygen
required by the gasifier model. The oxidant is assumed to be combined with the coal
slurry. The only impurities in the oxidant are nitrogen and argon.

Gas Flow — Oxyfuel

Advanced combustion systems (e.g., oxyfuel) operate at near-atmospheric pressures
and do not require a pressurized oxidant fee. First generation Oxyfuel systems will
likely adapt a standard boiler design by mixing recycled flue gas with high-purity
oxygen. Future designs will likely avoid externally recycled flue gas and use high-
purity oxygen directly in the boiler. This type of system is modeled to consist of 95
percent pure oxygen at 59 °F and atmospheric pressure. The mass flow rate of
oxidant is set to match the molar flow rate of oxygen required by the boiler model.
The only impurities are nitrogen and argon.

Energy Use

The oxygen plant consumes significant amounts of electric power, thereby reducing
the saleable electrical output of the power plant. When reporting costs on a
normalized basis (e.g., $/kW or mills/kWh), it is important to use an accurate
estimate of the net electrical production available for sale. The performance model
does not estimate the internal electrical load, hence a simple regression model of
power consumption versus key flow rates has been developed for the oxygen plant.
This model provides an accurate estimate of the plant electrical requirements. It
replaces the previous regression models (Frey, 1990 and Frey, 2001).

There are three main factors that affect the required power input to an ASU:
1. the volume or amount of oxygen product to be produced,
2. the purity of the product, and
3. the delivery pressure of the product.

While there are other factors that affect plant performance, such as the ratio of liquid
versus gaseous oxygen produced, they are not considered in this model.

The power required to operate an oxygen plant can be divided into four sections: (1)
the main air compressor (MAC), (2) the refrigeration system to compensate for heat
losses in the cold box, (3) auxiliary and control systems, and (4) the final oxygen
product compressor (if required). The first three sections will be combined together
into one component of the energy model and referred to as the MAC power. Since
the delivery pressure, and thus the amount of power needed to compress the oxygen
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product, is independent of the separation process, it will be treated as a separate
component of the energy model.

Figure 6 shows the power required by an oxygen plant as a function of the oxygen
purity of the product stream (McKetta, 1990). This figure shows a characteristic
shape that is a result of the interaction of two factors, namely the input air stream
compression (not a function of oxygen purity) and power generated from exhaust air
expansion (decreasing with oxygen purity).
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Figure 6. Effect of oxygen purity on ASU power (McKetta, 1990)

The input air stream must be compressed to approximately 550 kPa (79.8 psi),
regardless of the product purity. This requires around 1.05 kW/100 cubic feet of
oxygen product. This assumes a compressor efficiency of 75%, which is a typical
value for current commercial applications in large-scale plants. After the air stream is
compressed, it is later expanded in the plant to cool the air stream. The process is
called a Joule-Thompson expansion.

The air stream is expanded through a turbo expander, which generates power that
can be fed back into the oxygen separation plant. This expansion creates a power
credit. As the purity requirement increases, the fraction of the air stream that can be
expanded in this way decreases exponentially. This is because the air stream is
expanded in the low-pressure column rather than going through the high-pressure
column first. This air will avoid the numerous distillation stages in the high-pressure
column, and therefore will decrease the purity of the product. This dilution effect
becomes more pronounced as the desired purity increases. The overall result is a
decrease in the power credit from about 0.16 kW/100 cubic feet of oxygen at 95%
purity to approximately zero at 99.5%, even though the required power input remains
constant at 1.05 kW/ 100 cubic feet of oxygen product.

The MAC power as summarized in Figure 6 is given in units of kilowatts per 100
cubic feet of oxygen product as a function of the oxygen purity. The relationship can
be divided into two regimes with a purity of 97.5% separating them. Each region is
represented by a regression curve to fit the relationship.
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MAC Power = 4.88¢ 77, +0.4238 Tox < 97.5 (4)

-2
MAC Power=—201€ 08773 Tox > 97.5 (5)

(100-77,,)"*"*

where,
0.85 < MAC Power <1.05kW/100 cf of oxygen

95<7,, <99.5

In Equations (4) and (5), MAC Power has a range from 0.85 to 1.05 kW/100 cubic
feet of oxygen. The oxygen purity range specified above is typical for a cryogenic
ASU.

The oxygen product exits at 115 kPa (16.7 psi). If higher pressure oxygen is desired,
the product is fed through inter-cooled oxygen compressors. The model for this
process utilizes the ideal gas law and is stated below in Equation (6)

PC Power = P, x Vln[ij ><l (6)
i) n

PC Power is the required power input to the oxygen product compressor in kW. A
typical value for the efficiency is 0.75.

Oxidant Feed Cost Model

Cost data for 31 cryogenic oxygen plants were taken from 14 studies of oxygen-
blown IGCC systems, all prepared for EPRI. These plants all include electric motor-
driven compressors. Data from coal-to-syngas systems were not included because
many of these use steam-driven, rather than motor-driven, compressors. Electric
motor-driven systems offer advantages in terms of plant operation, although steam-
driven systems may be more energy efficient. These plants produced between 625
and 11,350 Ib mole/hr of oxygen per train. A typical plant consists of two parallel
operating trains with no spare trains. Each train includes an air compression system,
air-separation unit and an oxygen compression system. For more detail on the
oxygen plant design, see Fluor (2003). The oxygen plants represented in the database
are considered commercially available.

Direct Capital Cost

This process section typically has an air compression system, an air separation unit,
and an oxygen compression system. The direct cost of oxygen plants is expected to
depend mostly on the oxygen feed rate to the gasifier, because the size and cost of
compressors and the air separation systems are proportional to this flow rate. The
oxygen purity of the oxidant feed stream is expected to affect the cost of the air
separation system. As oxygen purity increases, It is expected that the cost of the
oxygen plant will increase because the size of equipment in the air separation plant
(e.g., high pressure column) increases. The ambient temperature determines the
volume flow rate of air entering the inlet air compressor; as ambient temperature
increases, the volume flow rate increases for a given mass flow, thereby requiring an
increased compressor size.

A number of regression models were considered in which alternative combinations
of predictive parameters and functional forms were assumed. These regressions were
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based on nonlinear variable transformations using the natural logarithm. A single
variant regression of cost and oxygen flow rate, using an exponential scaling
formulation yielded excellent results (R* = 0.9). The scaling exponent in this case
was 0.9. The addition of terms for ambient temperature and oxidant purity yielded a
marginal improvement in the summary statistics for the model. From an engineering
viewpoint, the inclusion of these additional predictive terms significantly improves
the utility of the model, allowing costs to be sensitive to both primary and secondary
factors. A multivariate regression is assumed for the oxidant feed process area direct
capital cost (Frey, 2001). The direct cost model for the oxidant feed section is given
in Equation (7):

0.067

NyrorT Mg, 2_
DCop =196.2—0 e (00105018 Koo (7)
1=1; Noor
where,
20<T, <95

M.
625 <—25%1 <17.000
NO,OF

0.95<7,, <0.98

The regression form used in Equation (7) is based on the regression form developed
by Frey (Frey, 1990). Frey developed the regression equation based on 31 data
points, resulting in a variance of 0.94. The Frey regression form was modified to fit
data from recently published reports (Chase and Kehoe, 2003; Foster et al/, 2003;
IEA, 2003; Brdar and Jones, 2003). Figure 7 shows the data points used for this
regression. Costs are provided in December 2000 dollars and can be scaled to other
years using the Chemical Engineering Plant Cost Index.
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Figure 7. Oxygen flow rate vs. oxidant feed section cost

The robustness of the exponential scaling relationship between oxygen flow rate and
direct capital cost is indicated by the similarity of the exponent for oxygen flow rate
in the single and multi-variable regression models. In the single variable model
previously described, the exponent was 0.9, while for the multivariate model above it
is 0.86. The limits for each parameter indicated above represent the ranges for which
the regression model is valid. While to obtain accurate results these ranges should
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not be violated, it is not a severe violation to exceed the range for the oxygen flow
rate per train, particularly on the high side, because the model reasonably captures
the expected relationship between oxygen flow rate and cost. An alternative to
extrapolating the model for oxygen flow rate per train, however, is to alter the
number of trains so that the flow rate per train is within the limits given above. The
ambient temperature and oxygen purity parameters should not be extrapolated.

Indirect Capital Cost

Indirect capital costs are directly related to direct capital costs (referred here as
process facilities capital or PFC) and often expressed as a fraction of the plant
facilities capital. There are several categories of indirect costs that are specified in
the model.

The general facilities section includes cooling water systems, plant and instrument
air, potable and utility water, and electrical systems. Engineering and home office
fees include the costs associated with engineering, office expenses, and fees or profit
to the engineer. Process contingency is used to determine cost estimates for
expected increase in the capital cost of an advanced technology due to uncertainty in
performance. Project contingency is used to determine cost estimates for expected
increase in the capital cost resulting from a more detailed estimate for a specific
project at a particular site. Miscellaneous capital includes equipment needed to bring
the system to full capacity. Inventory capital includes raw materials and spare parts
available in storage.

Indirect Cost Category Cost
General Facilities 15% PFC
Engineering & Home Office Fees 10% PFC
Project Contingency 15% PFC
Process Contingency 5% PFC!
Royalty Fees 0.5% PFC
Miscellaneous Capital 2% TPI
Inventory Capital 0.5% TPC

PFC = Plant Facility Cost (direct capital only); TPC = Total Plant Cost (direct and
indirect costs ignoring finance and escalation costs); TPI = Total Plant Investment
(direct and indirect costs including finance and escalation costs)

O&M Cost

The annual costs of the ASU consist of fixed and variable operating costs. The fixed
operating costs are annual costs including operating labor, maintenance costs (2% of
the total plant cost) of which a portion is allocated to maintenance labor, and
overhead costs associated with administrative and support labor. These are defined
by the following equations:

Oper. Labor = 5 " jobs 5 shifts o 40 hr “ 52 wk
hr shift day wk yr

Maint. Labor = 0.4x Total Maint. Cost

! This level of contingency is associated with a well-defined plant that has been demonstrated commercially.
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Adm. & Support Labor = 0.3 x(Oper. Labor + Maint. Labor)

The variable operating costs include consumables, fuels, and byproduct credits. For
the ASU process area, these costs are assumed to be negligible.

lllustrative Example

Suppose an IGCC plant requires a maximum production of 2,500 standard tons per
day of 97.5% purity oxygen. The required pressure at the gasifier is 700 kPa. In
order to provide this amount of oxidant, the number of ASU production trains, the
power requirements, capital cost, and operating costs need to be determined. The
following sections detail the calculations to determine these values. The costs are
reported in December 2000 dollars, but may be adjusted to other years using the
Chemical Engineering Plant Cost Index.

Number of Trains

Equation (4) includes a maximum size limit of 11,375 Ibmole/hr of oxygen for one
ASU train. Because we wish to compare the required flow rate to the maximum
flow rate, we need the actual flow rate of oxygen:

1,000 scfh

2,500stpd *
pd( Lstpd

) =2,500,000 scfh product

(2,500,000 scfh product)*0.975 = 2,437,500 scfh O,

2,437,500 scfh O, * (%jﬁ)mole) = 6,220 Ibmole/ hr O,
SC,

This required flow rate is below the maximum flow rate for one ASU train (11,375
Ibmole/hr). Hence, only one ASU train is required to transport the 6,220 lbmole/hr
of oxygen required by the IGCC plant.

Power Requirement

The IGCC requires oxygen pressure of 700 kPa to be delivered, higher than the 115
kPa threshold of the main air compressor. Additional compression will be required
of the product stream, so both Equation (4) and Equation (6) will be used to
determine the total power requirement. The main air compressor power can be
calculated from either Equation (4) or equation (5) (97.5% purity is the cutoff value).
Equation (4) is used to calculate the main air compressor power requirement below:

2500 stpd * (L2225 _ 5 500,000 scfn
Lstpd

MAC Power =4.88%107 *(97.5)+0.4238
=0.8996 kIh/100 scf

MAC Power = (0.8996 kWh/100 scf') * (2,500,000 scfh)
=22,490kW =22.49 MW

The additional power to compress the product stream from 115 kPa to 700 kPa is
calculated from Equation (6). Assume the efficiency of the compressor is 75%.
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1m?3

)*( L )=19.66m> /s

2,500,000 scfh *
fh (35.31fz3 36005

PC Power = (115kPa)*(19.66m” / s) *In(Lo0kPd s 1
115kPa’ 075

=5450 kW =545 MW

Total Power =22.49 MW +5.45 MW =27.94 MW

The total power required to produce the maximum flow rate of oxygen product is
27.9 MW. This is the power that must be supplied to the air separation unit from an
outside source or from the plant directly.

Capital Cost

The average ambient temperature surrounding the plant is 65°F. For this example,
only one ASU train is required as shown in the previous sections. We will assume
that this train operates continuously (i.e., no spare train).

2.500stpd* (22005 _ 5 500,000 sefh product
Lstpd

(2,500,000 scfh product)*0.975 = 2,437,500 scfh oxygen

2,437,500 scfh O, * (%ﬁf’”oze) = 6,220 Ibmole/ hr O,
SC,
PE Cosp < 13-91* (Lrain) * (65°F)%7  6,2201bmole/ hr g5
(1-0.975)*7 Ltrain

PF Cost = $47,032 ($1,000) = 47.0 M'$
General Facilities =0.15x47.0=7.05 M $
Eng'r & Home Office =0.10x47.0=4.7 M'$
Project Contingency =0.15x47.0=7.05 M$
Process Contingency =0.05x47.0=2.35 M$
Royalty Fees =0.005x47.0=024 M$

Total Plant Cost =47.0+7.05+4.7+7.05+2.35+0.24
=68.39 M$

The costs are reported in December 2000 dollars, but may be adjusted to other years
using the Chemical Engineering Plant Cost Index.

Operating and Maintenance Cost

There are only fixed variable costs associated with the air separation unit, as
mentioned above. The total maintenance cost combines materials and labor costs
and is taken to be 2% of the total plant cost calculated in the previous section. The
maintenance cost is:

Maint.Cost =0.02x$68.39=31.37 M$
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Maintenance labor is 40% of the total maintenance cost, or 0.55 MS$. The operating
labor assumes 6.67 jobs/shift and 4.75 shifts/day. With a labor rate of 25 $/hr, the
operating labor cost is:

Oper. Labor =25x6.67x4.75x [40 hr ] X (52 wk

J =1.65M$
wk yr

Maint. Labor =0.4x1.37=0.55 M$

Adm. & Support Labor =0.3x(1.65+0.55)=0.66 M'$

Fixed O & M Cost =1.37+1.65+0.66 =3.68 M $

These costs are given in December 2000 dollars (the cost year basis for the total
plant cost).
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GE Entrained-Flow Gasifier

Nomenclature

Technologies

LTGC = Low temperature gas cooling area (gas quench)
CH = Coal handling and slurry preparation

G = Gasifier area

PG = Process condensate treatment

Parameters

W, cn = Coal handling auxiliary power, kW

W, ¢ = Gasification auxiliary power, kW

W, 1t = LTGC auxiliary power, MW

W, pc = Process condensate auxiliary power, kW

mer, i = Coal feed rate to gasifier, tons/day

Mgy ri = Syngas flowrate into LTGC, Ibmole/hr

Mgynro = Syngas flowrate from LTGC, Ib/hr

mgpp = Scrubber blowdown flowrate, 1b/hr

No.c =Number of operating gasifier trains

Nt ¢ = Total number of gasifier trains (operating and spare)
No..r =Number of operating LTGC trains

Nt v = Total number of LTGC trains (operating and spare)
DCcy = Direct capital cost of coal handling section, $1000
DCg = Direct capital cost of gasification section, $1000
DCyt = Direct capital cost of LTGC section, $1000
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GE Gasifier Process Description

This report describes a GE entrained-flow gasifier-based IGCC system with total
quench high temperature syngas cooling using coal. The GE entrained-flow gasifier
(originally developed by Texaco) has been used since 1956 for chemical and power
applications. Although primarily used for chemical production in the past, a
prototype gasifier was built in 1984 (Clearwater Project) and the first full-scale plant
was built in 1995 (Polk Station).

Oxygen Extreme Conditions:
(95-99%) «2300 deg F (minimum)
*Up to 1200 psig
N, *Organics Destroyed
*Short residence time (seconds)
*Reduced O2 Environment
Air
Products:
CO
*H2
GE Gasifier By-products:
*Entrained Flow *H2S
*Quench Type «C0O2
*Ash (slag)
Coal + H,0 Stadits

Quench Section:

*Gas and molten ash quenched in
circulating water bath

«Ash discharged out bottom as
inert, glassy frit (saleable product)

Ash/Slag

Figure 8. GE entrained gasifier schematic (taken from Eastman Gasification Services
Company, 2005).

The GE gasifier is an entrained flow gasifier, as are the Shell gasifiers and
ConocoPhillips E-Gas gasifiers (originally developed by Dow). Entrained flow
gasifiers have high outlet temperatures and operate in the slagging range (the ash is
fully liquid with low viscosity). The GE gasifier has the benefit of being able to
handle a large variety of coal types, produce a syngas free of oils and tars, exhibit a
high carbon conversion, produce low concentrations of methane, and produce a high
throughput (due to the high reaction rates at elevated temperatures). A detraction of
the GE gasification system is the higher oxygen requirement to achieve the higher
temperature, resulting in higher auxiliary electrical requirements. Also associated
with the higher temperature is the increased coal oxidation, resulting in a lower cold
gas efficiency.

The GE gasification system uses a coal in water slurry in a single-stage down flow
reactor configuration, as shown in Figure 8. The dry solids concentration in the
slurry is typically around 65%. A pump delivers the slurry to the gasifier at
pressures in the range of 500-1,000 psi. The gasifier is refractory lined and typically
operates in the range of 2250-2,900 F. Oxygen is used to combust only a portion of
the feedstock in order to provide thermal energy needed by endothermic gasification
reactions. The hot raw syngas leaves the gasifier and is cooled either by a series of
radiant and convective heat exchangers to a temperature of 650 °F or by contact with
water to a temperature of 433 °F. The syngas passes through a wet scrubbing system
to remove particulate matter and water soluble gases such as NH;.
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The details of the major process areas are briefly described below.

Coal Handling

Coal handling involves unloading coal from a receiving vessel (train, truck or barge),
storing the coal, moving the coal to the grinding mills, and feeding the gasifier with
positive displacement pumps. A typical coal handling section contains one operating
train and no spare train. A train consists of a bottom dump railroad car unloading
hopper, vibrating feeders, conveyors, belt scale, magnetic separator, sampling
system, deal coal storage, stacker, reclaimer, as well as some type of dust
suppression system.

Slurry preparation trains typically have one to five operating trains with one spare
train. The typical train consists of vibrating feeders, conveyors, belt scale, rod mills,
storage tanks, and positive displacement pumps to feed the gasifier. All of the
equipment for both the coal handling and the slurry feed are commercially available.

The feed coal is crushed and slurried in wet rod mills. The coal slurry containing
about 66.5 weight percent solids is fed into the gasifier, which is an open refractory-
lined chamber, together with a feed stream of oxidant. The slurry is transferred to
the gasifier at high pressure through charge pumps. The water in the coal slurry acts
as a temperature moderator and also as a source of hydrogen in gasification
(Simbeck et al., 1983).

Gasification

GE entrained-flow gasification can handle a wide variety of feedstocks including
coal, heavy oils, and petroleum coke (Preston, 1996). The current study focuses on
IGCC systems using coal feed. Oxygen is assumed as the oxidant for the IGCC
systems evaluated in this study. The oxidant stream contains 95+ percent pure
oxygen. The oxygen is compressed to a pressure sufficient for introduction into the
burner of the GE entrained-flow gasifier (Matchak ef al., 1984). Operation under
high pressure is beneficial to increase the capacity of the gasifier reactor volume and
thereby reduce capital cost. It is also beneficial to downstream processes because of
increased partial pressures.
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Figure 9. Temperature Variation in an Entrained Gasifier (Based on Simbeck et. al., 1983)

The coal slurry and oxidant feed are delivered to the gasifier burners. Gasification
takes place rapidly at temperatures exceeding 2,300 °F. Coal is partially oxidized at
high temperature and pressure. Figure 9 demonstrates the temperature variation
across the gasifier (Simbeck ef al., 1983). The combustion zone is near the top of the
reactor, where the temperature in the gasifier changes from approximately 250 to
2500 °F. The operating temperature is sufficiently higher than the ash fusion
temperature of 2,300 °F to cause the ash to become molten and separate out easily
from the raw gas. A portion of the coal feed burns, providing heat for the
endothermic gasification reactions that result in the formation of CO, CO,, H,, CHy,
and H,S.

The syngas leaves the gasifier at temperatures in the range of 2300 °F to 2700 °F.
Because of the high temperatures characteristic of entrained-flow gasifiers, the
syngas contains smaller amounts of methane than other types of gasifiers and is free
of tars and other hydrocarbons (Simbeck et al., 1983).

Chemical Reactions

The chemical reactions modeled in the equilibrium gasifier reactor model are:

C+2H, > CH, (®)
C+H,0>CO+H, )
CO+H,0->CO,+H, (10)
CH,+150, > CO+2H,0 (n
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2C0+0, —»2C0, (12)

S+H, > H,S 13)
N, +3H, - 2NH, (14)
CO+H,S—COS+H, (15)
Ar — Ar (16)

Equations (8), (9), and (10), are the primary gasification reactions. Equation (8) is
an exothermic reaction and is known as methanation. The formation of methane
increases the heating value of the product gas. Equation (9) is an endothermic
reaction, more generally known as the “water gas reaction”. Equation (10) is an
exothermic reaction, more generally known as the “water gas shift reaction.”
Equations (9) and (10) together lead to the formation of hydrogen. Equation (11), in
series with Equation (8), represents the partial combustion of coal and Equation (12)
in sequence with Equations (8) and (9), models the complete oxidation of coal.

Sulfur Compounds

Over 90% of the sulfur in the feedstock is converted to hydrogen sulfide (H,S) and
the rest is converted to carbonyl sulfide (COS). Compounds such as SO, and SO;
are absent in the syngas. Because COS is difficult to capture, a hydrolysis unit or
shift reactor is required to convert the COS to H,S prior to acid gas removal.

Nitrogen Compounds

Nitrogen enters the gasifier both as a molecule (an impurity from the air separation
unit) and as fuel-bound nitrogen. Gasifiers produce primarily ammonia (NH;) with
negligible amounts of NO or NO,, because of the reducing conditions in the gasifier.

Chlorine Compounds

Most of the chlorine in the coal is converted to hydrogen chloride gas (HCI).
Chlorine compounds from the coal may also react with ammonia to form ammonium
chloride (NH4Cl). Most of the chlorides are removed in a water scrubber.

Solid carbon and ash

Some char (unconverted carbon) and ash will always be entrained in the gas flow
exiting the gasifier. The quench removes a majority of the solid particles, preventing
fouling occurrences downstream. After capture, the particles may be recycled to the
gasifier to increase the carbon conversion efficiency.

Syngas Quenching

The temperature of the syngas exiting the gasifier is typically around 2,300 F and the
fly ash or slag exists in liquid form. To protect downstream components from
fouling, a quench is needed to solidify the slag.

A water quench uses sensible heat from the syngas to vaporize water. This quench
drives the water gas shift reaction to increase the H2/CO ratio, a benefit in the case
of CO, capture performed downstream.
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The scrubbed gas enters various heat exchangers in the low temperature gas cooling
section. The heat removed from the syngas is utilized to generate low-pressure
steam to heat feed water or as a source of heat for fuel gas saturation.

Particle Capture

Dry solids still entrained in the syngas are removed by a wet scrubbing system. The
scrubbers operate at a temperature below the dew point of the gas so that the
particles can serve as nuclei for condensation and result in more efficient removal.
The particle-laden water is sent to a water treatment plant and the clarified water
used again as quench water.

GE Gasifier Performance Model

The Integrated Environmental Control Model (IECM) is a desktop model developed
by Carnegie Mellon University as a tool for assessing the technical performance, cost
and environmental effectiveness of different fossil fuel power generation
technologies. The broad framework of the model consists of a base power plant,
with options to add modules for meeting environmental regulations with respect to
emissions of NOy, SO, particulates, mercury and CO,. The user is thus able to
determine the performance and cost of the overall plant equipped with one or several
of the above modules. The IECM has recently been expanded to include Integrated
Gasification Combined Cycle (IGCC) process in addition to the combustion-based
systems.

IGCC is a promising technology for power generation from coal. It offers several
advantages as compared to the conventional PC boiler including higher process
efficiency, lower emissions of SO, and NOy and easier capture CO, for
sequestration. Because of the differences between different types of gasifiers, it is
important to have a gasifier model that accurately predicts the syngas composition,
which in turn determines the power output of the downstream gas turbine and steam
cycle blocks. However, there are trade-offs involved because of the complexity
associated with modeling the gasification process. Detailed gasifier models that
employ computational fluid dynamics (CFD) are time consuming, data intensive and
costly to run. A less complex (but still time consuming) approach is to model the
gasifier using a commercial process simulator like ASPEN Plus, and then “import”
the results into the IECM by developing suitable output data tables (Figure 10).

External Output
Model (Data Tables or R Integrated
> > Model
(CFD or Response (IECM)
Aspen Plus) Surface Models)

Figure 10. Linkage between the gasifier external model and the [IECM

We have taken this approach in modeling the gasifier. This report summarizes the
development of data tables for performance assessment of a coal gasifier in IGCC
power plants. The major objective of this evaluation is to identify the key
thermodynamic and process variables in a gasifier and to study the impact on the
composition of synthesis gas. Our modeling approach was an extension of the Aspen
Plus model previously developed by the National Energy Technology Laboratory
(NETL). These models were modified to run as a stochastic simulation. This
capacity provides a powerful and efficient way to generate model response to
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simultaneous changes in several key input variables. The output results are then used
to develop an output data table and a response surface model of the gasifier.

Aspen Plus Gasifier Simulation

The next several sections briefly describe the Aspen Plus flowsheet components used
to generate the output data tables and response surface models.

Oxidant Feed

The reaction temperature and heat loss in the gasifier, which is assumed to be 1% of
the total low heating value of the inlet coal flow, in the gasification reactor is
maintained by adjusting the inlet flow rate of oxygen.

The gasifier oxidant feed was fixed at a value of 95% purity. The Aspen Plus
gasifier model adjusted the flow of oxidant required such that the heat loss from the

gasifier is less than or equal to one percent of the total heat input to the gasifier.
Thus, the Aspen Plus model calculates the oxygen flow required obtaining the user

specified gasifier outlet temperature and overcoming this heat loss. The coal slurry
and oxidant feed are mixed and sent to the gasification unit model.

Coal Slurry Preparation and Gasification

Coal from the coal grinding system is continuously fed to the grinding mill. Grey
water from waste water treatment facility is used for slurrying the coal feed. The

coal slurry with a desired slurry concentration is pumped into the gasifier. In this
section, the methodology used to model coal preparation is presented.

Coal is a type of non-conventional solid, and its composition has to be input in a
form suitable to Aspen Plus. In Aspen Plus, the component attributes of coal are

specified in three forms: (1) a proximate analysis, (2) an ultimate analysis, and (3) a
sulfur analysis. Table 2, as an example, gives the typical compositions of Pittsburgh
#8 coal and its input values for the Aspen Plus model. Aspen Plus estimates the heat

of coal combustion based on these tables unless the heat of combustion is provided

directly.

Table 2. Coal composition and its corresponding input in Aspen Plus

Coal composition Ultimate

(wet basis) Proximate Analysis |Analysis Sulfur Analysis
Element Value | Element Value | Element Value | Element Value
Ash 7.24 Moisture 5.05 Ash 7.63 Pyritic 1.23
Carbon 73.81 Fixed Carbon | 49.855 | Carbon 77.74 | Sulfate 0
Hydrogen 4.88 Volatile Matter | 42.515 [ Hydrogen | 5.14 Organic 1
Nitrogen 1.42 Ash 7.63 Nitrogen 1.5
Chlorine 0.06 Chlorine 0.06
Sulfur 2.13 Sulfur 2.23
Oxygen 5.41 Oxygen 5.7

Figure 11 illustrates the mass and heat flows in the coal slurry preparation process
and gasification units. The coal slurry is compressed through a slurry pump. The
gasification simulation calculates the Gibbs free energy of the coal. However, the
Gibbs free energy of coal cannot be calculated because it is a non-conventional

component with regard to Aspen Plus. Hence, a coal decomposition unit operation,

which simulates a reactor with a known yield and does not require the reaction
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stoichiometry and kinetics, decomposes the coal into its constituent elements based
on the ultimate composition analysis of coal.

Slatry Coal
Slurry Pump R p| decomposition Sluny 2 > I‘ﬁ;l:eSlag
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Figure 11. Slurry preparation and gasification flowsheet

The gasifier unit converts coal slurry into syngas. The coal slurry and oxygen from
the air separation unit react in the gasifier at high temperature (approximately 2450
°F), high pressure (approximately 620 psia in this study) and under the condition of
insufficient oxygen to produce syngas. Chemical reactions and their approach
temperatures® modeled in this equilibrium gasifier reactor are shown in Table 3.The
syngas produced consists primarily of hydrogen and carbon monoxide with lesser
amounts of water vapor, carbon dioxide, hydrogen sulfide, methane, and nitrogen.
Traces of carbonyl sulfide and ammonia are also formed.

Table 3. Approach temperatures used in Aspen Plus to characterize non-equilibrium
([Altafini, 2003; Zaimal, 2002, Zhu, 2003)

Chemical Reaction Approach Temperature
C+2H,>CH, 300°F

C+H,0>CO+H,

C+0,2>CO

2C0+0,22C0, 550°F
CH4+20,>CO0,+2H,0 500°F

S+H,~>H,S 500°F

N,+3H,>2NH; 500°F

CO+H,S>COS+H, 500°F

Cl,+H,~>2HCl 300°F

Ash present in the coal melts into slag. Hot syngas and molten slag from the gasifier
flow downward into a quench chamber, which is filled with water, and is cooled into
medium temperature (approximately 450 °F). The slag solidifies and flows to the
bottom of the quench chamber.

Third, raw syngas and molten slag discharge from the reactor into the quench
chamber, which is simulated by the quench unit. This unit performs rigorous vapor-
liquid equilibrium calculations to determine the thermal and phase conditions of

? The approach temperature is a pseudo-temperature used in Aspen Plus to adjust calculated equilibrium concentrations
to actual (observed) values under non-equilibrium conditions.
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syngas saturation process. In this quench unit, molten slag is cooled down and
separated from the syngas.

Modeling Approaches

Computational Fluid Dynamics

There are two main approaches to modeling a gasifier. A detailed Computational
Fluid Dynamics (CFD) based approach involves solving two sets of coupled
equations. The first set of equations consists of the gas-phase Eulerian equations of
the flow, transport and energy in the gasifier (essentially the turbulent Navier-Stokes
equations modified for volatile combustion). The second set of equations consists of
the discrete particle equations modeled in a Lagrangian frame. These equations
involve particle’s heating, devolatilization and char combustion. These two sets of
equations are solved simultaneously with an appropriately defined grid. This
approach is useful if one is interested in obtaining the temperature profiles in the
gasifier, volatile combustion contours, kinetics of pollutant formation and carbon
conversion. This approach is extremely time consuming and costly; the setup and run
time of a typical simulation can take anywhere from days to weeks. This makes it
difficult to identify and explore the critical variables and do sensitivity analysis.

Chemical Equilibrium

A second approach is to use the basic thermodynamics of carbon/char gasification
based on a chemical equilibrium approach. This is the approach implemented in
ASPEN. It can be accomplished much faster than CFD and hence is more convenient
for sensitivity analysis. This approach is appropriate if one is interested only in the
syngas composition and heating value, which is the primary need of the Integrated
Environment Control Model (IECM). Thus, we have taken this approach in modeling
the gasifier.

Input Parameters

DOE’s National Energy Technologies Laboratory (NETL) previously developed
flowsheets for IGCC power plants in ASPEN for four different types of gasifiers:
Shell, KRW, GE (previously Texaco) and E-Gas (previously Destec), all fed with
nominal Illinois # 6 coal characteristics. These models were used to develop suitable
data output tables for seven different types of coals:

4. Appalachian (Low Sulfur),

5. Appalachian (Medium Sulfur),
6. [Illinois # 6,

7. North Dakota (Lignite),

8.  WPC Utah (Bituminous),

9. Wyoming (PRB), and

10. Wyodak.

For each gasifier, there are several key design variables that are of interest such as
temperature, pressure, oxidant flow rate, carbon conversion and the relative amounts
of coal, oxidant and steam or water inputs to the gasifier. Perturbations in these
quantities have an impact on the resulting syngas composition and heating value. We
used NETL’s ASPEN models to reflect this functionality by incorporating a
stochastic variation of key gasifier variables as explained below.
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The overall framework of the IECM for IGCC power plants is carried out as follows:

1.

The user selects a gasifier technology from the four options mentioned
above.

The user chooses a coal variety from several available options.

For each gasifier, there are several process variables that the user can
vary within a specified range about the nominal (NETL specified)
default value as will be discussed in a following section.

The model then calculates the composition and heating value of the
syngas corresponding to the coal type and the process variables defined
above. The syngas may consist of CO, H,, CO,, CH,4, H,0, N,, NH3,
COS, Ar, and H,S.

The syngas composition along with user-specified plant size and other
parameters is then utilized for mass and energy balance calculations for
the overall plant.

As shown in Figure 10, an external model of the different gasifiers was used in
Aspen Plus. A stochastic block developed at Carnegie Mellon University was added
to the model to allow the model to vary parameters automatically and produce
multiple output tables. Figure 12 shows the flow diagram for these simulations.

Obtain
. Run Aspen syngas
. ASS'g.n. Plus using composition
'deY‘“fy key propab_lllty input values for each
va:rri]ggltes i’ d:égzl:ttlﬁgs sampled from combination
nominal value the probability of values of
distributions the stochastic
variables

Figure 12. Flow diagram to generate data tables from Aspen Plus simulations

Running the Simulation

Running the Aspen Plus simulation involves the following steps:

1.

First, a few key input variables are identified, which are critical in
modeling the process and whose values are likely to fluctuate within a
range, such as gasifier temperature, steam flow rate, carbon lost in slag
etc.

The user then specifies a probability distribution for each of the above
variables. In this case, a uniform distribution was used to reflect a range
of values (typically #10%) around the nominal value. The distributions
could be uniform, normal, logarithmic or lognormal etc. The user also
decides on the number of samples (in this case 100 iterations).

Each of the probability distributions is sampled to obtain one set of
random variables corresponding to the uncertain variables. The
sampling technique used was Latin Hypercube Sampling.

The random variables are then propagated through the Aspen Plus
flowsheet to obtain the syngas composition or mole fractions of the
various constituents.

The above process is repeated for the chosen number of samples.

The above procedure was then repeated for different coal compositions.
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Syngas Composition

In this section we discuss the two main options for modeling a coal gasifier to
quantify the syngas being produced and justify the approach taken in our model
(IECM).

Response Surface Models

The output of ASPEN is used to obtain the partition factors. The partition factor of
an element i into a syngas constituent j is defined as the fraction of the total element i
which is contained in j. For instance, partition factor of C into CO is obtained as
follows: First we consider the total mass of carbon entering the gasifier. (This is
obtained from the coal flow rate and the coal composition data). Then we obtain the
total mass of carbon contained in the CO exiting the gasifier. The ratio of the latter to
the former gives the partition factor of C into CO. Similarly we define the partition
factors of H, into H,O. We obtain the partition factor for each of the possible option
as follows: C to CO, C to CO,, C to CHy, S to H,S, S to COS, H to H,, H to H,O and
H to NHj;. The above set of partition factors completely specifies the composition of
the syngas if the inlet flow rates are completely known. We obtain these partition
factors for each combination of the random variables, hence for a number of
samples. The partition factors are the independent variables and the gasifier process
variables are the dependent variables. A linear regression is fitted to obtain each of
the partition factors as a function of the uncertain process variables. These regression
models can then implemented in [ECM.

NOTE: This method was implemented and found to be numerically unstable. Hence,
the data output table approach below was used.

Data Output Tables

In this approach, we take all the outputs generated by the stochastic ASPEN
flowsheet and select discrete data points of the syngas composition by the
component to build up a table, which is then used in the IECM. The carbon content
in the slag and the gasifier temperature were the two variables varied in this
approach. We selected 3 discrete values for each variable: two extreme points of the
range and the mid point nominal value. Therefore the data table will have all possible
combinations of the discrete values of all these variables.

The data for the four bituminous coals available in the IECM are shown in Table 4,
Table 5, Table 6, and Table 7. Although sub-bituminous and lignite coals can
successfully be gasified in a GE entrained-flow gasifier, the optimal temperature is
much different, the efficiency is much lower, and the water content into the gasifier
1s much harder to control. Due to these issues, non-bituminous coal runs were not
included in the IECM.
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Table 4. Volume fraction of syngas components exiting the gasifier using the Appalachian
(Low Sulfur) coal as a function of carbon in slag and gasifier temperature.

&agl’:g” 1% 3% 5%

Temp. (F) 2350 [2450 ([2550 [2350 [2450 ([2550 [2350 (2450 [2550
H, 0.35306 [ 0.35503 | 0.35724 | 0.35360 [ 0.35488 | 0.35608 | 0.34656 | 0.34722 | 0.34779
CcO 0.39475 [ 0.38761 | 0.37917 | 0.40142 [ 0.39328 | 0.38505 | 0.40458 | 0.39659 | 0.38850
CO, 0.13889 [ 0.14155 | 0.14463 | 0.13191 | 0.13495 | 0.13797 | 0.12824 | 0.13119 | 0.13413
H,O 0.07556 [ 0.07886 | 0.08289 | 0.08674 [ 0.09090 | 0.09525 | 0.09853 | 0.10302 | 0.10770
N, 0.00883 [ 0.00886 | 0.00890 | 0.00883 [ 0.00887 | 0.00891 | 0.00889 | 0.00893 | 0.00897
CH,4 0.01878 [ 0.01796 | 0.01703 | 0.00727 [ 0.00687 | 0.00648 | 0.00282 | 0.00266 | 0.00250
C,H; - - - - - - - - -

C;H; - - - - - - - - -
H,S 0.00178 [ 0.00180 | 0.00182 | 0.00174 [ 0.00176 | 0.00178 | 0.00172 | 0.00174 | 0.00176
NH; 0.00011 [ 0.00011 | 0.00012 | 0.00009 [ 0.00009 | 0.00009 | 0.00007 | 0.00007 | 0.00007
COS 0.00009 [ 0.00009 | 0.00009 | 0.00009 [ 0.00009 | 0.00009 | 0.00009 | 0.00009 | 0.00009
HC1 0.00018 [ 0.00019 | 0.00019 | 0.00018 [ 0.00018 | 0.00018 | 0.00018 | 0.00018 | 0.00018
Ar 0.00795 [ 0.00794 | 0.00792 | 0.00814 [ 0.00813 | 0.00811 | 0.00832 | 0.00831 | 0.00830
0, - - - - - - - - -
Table 5. Volume fraction of syngas components exiting the gasifier using the Appalachian
(Medium Sulfur) coal as a function of carbon in slag and gasifier temperature.

&agl’:g” 1% 3% 5%

Temp. (F) 2350 [2450 [2550 [2350 [2450 ([2550 [2350 [2450 [2550
H, 0.35306 [ 0.35503 | 0.35724 | 0.35360 [ 0.35488 | 0.35608 | 0.34656 | 0.34722 | 0.34779
CcO 0.39475 [ 0.38761 | 0.37917 | 0.40142 [ 0.39328 | 0.38505 | 0.40458 | 0.39659 | 0.38850
CO, 0.13889 [ 0.14155 | 0.14463 | 0.13191 | 0.13495 | 0.13797 | 0.12824 | 0.13119 | 0.13413
H,O 0.07556 [ 0.07886 | 0.08289 | 0.08674 [ 0.09090 | 0.09525 | 0.09853 | 0.10302 | 0.10770
N, 0.00883 [ 0.00886 | 0.00890 | 0.00883 [ 0.00887 | 0.00891 | 0.00889 | 0.00893 | 0.00897
CH, 0.01878 [ 0.01796 | 0.01703 | 0.00727 | 0.00687 | 0.00648 | 0.00282 | 0.00266 | 0.00250
C,H; - - - - - - - - -

C;H; - - - - - - - - -

H,S 0.00178 [ 0.00180 | 0.00182 | 0.00174 [ 0.00176 | 0.00178 | 0.00172 | 0.00174 | 0.00176
NH; 0.00011 [ 0.00011 | 0.00012 | 0.00009 [ 0.00009 | 0.00009 | 0.00007 | 0.00007 | 0.00007
COS 0.00009 [ 0.00009 | 0.00009 | 0.00009 [ 0.00009 | 0.00009 | 0.00009 | 0.00009 | 0.00009
HC1 0.00018 [ 0.00019 | 0.00019 | 0.00018 [ 0.00018 | 0.00018 | 0.00018 | 0.00018 | 0.00018
Ar 0.00795 [ 0.00794 | 0.00792 | 0.00814 [ 0.00813 | 0.00811 | 0.00832 | 0.00831 | 0.00830
0, - - - - - - - - -
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Table 6. Volume fraction of syngas components exiting the gasifier using the Illinois #6 coal
as a function of carbon in slag and gasifier temperature.

ﬁa{;ﬁ’;’g" 1% 3% 5%

Temp. (F) [2350 [2450 [2550 [2350 [2450 [2550 [2350 [2450 [2550
H, 0.33966 [ 0.33996 | 0.34011 | 0.32948 [ 0.32915 | 0.32878 | 0.31631 | 0.31558 | 0.31487
CcO 0.30680 [ 0.29917 | 0.29264 | 0.31395 [ 0.30638 | 0.29989 | 0.31888 | 0.31137 | 0.30493
CO, 0.19004 [ 0.19257 | 0.19469 | 0.18268 [ 0.18520 | 0.18732 | 0.17757 | 0.18005 | 0.18212
H,O 0.12800 | 0.13314 | 0.13767 | 0.14314 | 0.14856 | 0.15334 | 0.15802 | 0.16371 | 0.16871
N, 0.00854 | 0.00857 | 0.00860 | 0.00861 | 0.00864 | 0.00868 | 0.00870 | 0.00874 | 0.00877
CH4 0.00767 | 0.00721 | 0.00683 | 0.00279 | 0.00261 | 0.00247 | 0.00105 | 0.00099 | 0.00093
C,H, - - - - - - - - -

C;H; - - - - - - - - -

H,S 0.00976 | 0.00986 | 0.00995 | 0.00965 | 0.00975 | 0.00984 | 0.00959 [ 0.00970 | 0.00979
NH; 0.00010 | 0.00010 | 0.00011 | 0.00008 | 0.00008 | 0.00008 | 0.00006 | 0.00006 | 0.00006
COosS 0.00040 | 0.00039 | 0.00039 | 0.00041 | 0.00041 | 0.00040 | 0.00043 [ 0.00043 | 0.00042
HCI 0.00048 [ 0.00049 | 0.00049 | 0.00048 [ 0.00048 | 0.00048 | 0.00047 | 0.00048 | 0.00048
Ar 0.00854 [ 0.00853 | 0.00853 | 0.00873 | 0.00872 | 0.00872 | 0.00892 | 0.00891 | 0.00891
0, - - - - - - - - -

Table 7. Volume fraction of syngas components exiting the gasifier using the WPC Utah coal

as a function of carbon in slag and gasifier temperature.

ﬁa{;ﬁ’;’g" 1% 3% 506

Temp. (F) 350 450 550 2350 450 550 350 |p4so 2550
H, 0.32304 1 0.32257 1 0.32195 | 0.30986 | 0.30888 | 0.30777 | 0.30984 | 0.29373 | 0.29228
CO 0.27961 | 0.27206 | 0.26446 | 0.28704 | 0.27950 | 0.27191 | 0.28701 | 0.28492 | 0.27736
CO, 0.21830 | 0.22077 | 0.22319 | 0.21068 | 0.21317 | 0.21561 | 0.21071 | 0.20759 | 0.21001
H,O 0.15346 | 0.15928 | 0.16534 | 0.16983 | 0.17591 | 0.18222 1 0.16985 | 0.19200 | 0.19856
N, 0.00896 | 0.00900 | 0.00904 | 0.00904 | 0.00909 | 0.00913 | 0.00904 | 0.00918 | 0.00923
CH,4 0.00502 | 0.00468 | 0.00436 | 0.00179 | 0.00166 | 0.00155 | 0.00179 | 0.00062 | 0.00058
C,Hq - - ; - - - ; ; -
C:Hs - - ; - - - ; ; -

H,S 0.00165 | 0.00167 | 0.00169 | 0.00164 | 0.00166 | 0.00168 | 0.00164 | 0.00165 | 0.00167
NH; 0.00010 | 0.00010 | 0.00010 | 0.00008 | 0.00008 | 0.00007 | 0.00008 | 0.00006 | 0.00006
COS 0.00006 | 0.00006 | 0.00006 | 0.00007 | 0.00007 | 0.00007 | 0.00007 | 0.00007 | 0.00007
HCI 0.00003 | 0.00003 | 0.00003 | 0.00003 | 0.00003 | 0.00003 | 0.00003 | 0.00003 | 0.00003
Ar 0.00977 1 0.00977 | 0.00978 | 0.00995 | 0.00996 | 0.00997 | 0.00995 | 0.01015 | 0.01017
0, - - - i - - - - i
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Energy Use

Coal Handling

The GE gasifier system uses a coal slurry with typically 66.5 weight percent of solids
as feed to the gasifier. Coal handling involves coal unloading, stacking, reclamation,
and conveying equipment followed by three operating and one spare train of wet
grinding equipment.

To estimate the auxiliary power requirements of the coal handling unit, a predictive
model was developed by Rocha and Frey (1997) using 14 data points (one column)
obtained from the sources listed in Table 8. The coal feed rate was chosen as the
independent variable for development of an auxiliary power model. Two models
were selected for consideration: power consumed per slurry train vs. coal feed rate
per slurry train; and total power consumed by the slurry preparation process area vs.
total coal flow to slurry preparation. The power consumed per slurry train vs. coal
feed rate per slurry train produced a standard error of 1,183 kW per train and a R* of
0.716, whereas the standard error for the other model is 2,949 kW for the entire plant
and the R? value is 0.807. Because of the higher R? value, the latter model was
selected.

Table 8. Summary of Design Studies used for Coal Handling and Slurry Preparation
Auxiliary Power Model Development

Report
No. Company Authors Year [Sponsor |Gasifier |Coal
Synthetic Fuels
AP-3109 | Associates Simbeck et al. | 1983 EPRI Texaco Illinois #6
AP-3486 | Fluor Engineers Matchak et al. | 1984 EPRI Texaco Ilinois #6
Illinois #6
Energy Conversion | McNamee and /Texas
AP-4509 | Systems White 1986 EPRI Texaco Lignite
AP-5950 | Bechtel Group Pietruszkiewicz | 1988 EPRI Texaco Illinois #6
Hager and Eastern
GS-6904 | Fluor Daniel Heaven 1990 EPRI Dow Bituminous
TR- Smith and
100319 Fluor Daniel Heaven 1991 EPRI Destec Illinois #6
Montebello
MRL Research Lab,
Texaco Texaco Inc. Robin et al. 1991 DOE Texaco Pittsburgh #8
Wecn =1.04mg g R*=0.807 (17)
where,

3,300 <m g, <20,000 tons/day (as received)

The model and data are shown in Figure 13. The model fit is greatly influenced by
the data point that is at 6,500 tons/day gasifier coal feed rate (McNamee and White,
1986). A much better fit could occur if this value was removed from the power
consumption model consideration. The data point was not removed because no
reason could be found to exclude the value from the development of the power
consumption model.
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Figure 13. Power Requirement for the Coal Slurry Preparation Unit

Gasification

Only two data points were available for the determination of the auxiliary power
consumption model for the gasification section based upon water quench high
temperature syngas cooling. The two data points were obtained from studies by
Matchak ef al. (1984) and Robin ef al. (1993). A linear model with zero intercept
was developed based upon the coal flow rate (as-received basis) per gasifier train and
is shown in Figure 14. The auxiliary model developed has a standard error of 16 kW
for the entire plant and R? of 0.970. The R? variable is very high because only two
data points were available.

Weg =0.111 N g (meg; / No.g ) R*=0.970 (18)

where,

1300 < mgf g, ; < 2400 tons/day per train (as received)

> 300
< 2504 [ . AP-3486 d
*QEL 200 A *  MRL Texaco
% 150 4 | —— Model :
E 100
2 50 A
= 0 T T . T
0 500 1000 1500 2000 2500

Gasifier Coal Feed Rate. tons/day
(as-receved basis)

Figure 14. Power Requirement for the Gasification Section for Total Quench
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Low Temperature Gas Cooling

The auxiliary power consumption model for the low temperature gas cooling
(LTGC) section was developed using a single data point from the study by Matchak
et al. (1984) and is given in MW by:

We it =3.211x 107 MgN,LT,0 (19)

Process Condensate Treatment

The process condensate treatment plant has the following auxiliary power
consumption model, which is developed for the present GE gasification system using
a single data point from the study Matchat et al., (1984) and is given in MW by the
equation:

We pe =9.289 x 107 mggp (20)

GE Gasifier Cost Model

Capital Cost

This section documents the cost model developed for the GE gasifier-based IGCC
plant with total quench high temperature gas cooling. New direct capital cost models
for major process sections are presented here. For the purpose of estimating the
direct capital costs of the plant, the gasifier is divided into four process areas. The
direct cost of a process section can be adjusted for other years using the appropriate
cost index. The capital costs are provided in December 2000 dollars and can be
scaled to other years with the Chemical Engineering Plant Cost Index.

Coal Handling

Coal handling involves unloading coal from a train, storing the coal, moving the coal
to the grinding mills, and feeding the gasifier with positive displacement pumps. A
typical coal handling section contains one operating train and no spare train. A train
consists of a bottom dump railroad car unloading hopper, vibrating feeders,
conveyors, belt scale, magnetic separator, sampling system, deal coal storage,
stacker, reclaimer, as well as some of type of dust suppression system. Two studies
(McNamee and White, 1986; Matchak et al., 1984) assumed a double boom stacker
and bucket wheel reclaimer system. The studies by Smith and Heaven (1992) and
Hager and Heaven (1990) assumed a combined stacker reclaimer. Pietruszkiewicz et
al. (1988) specified conveyors to perform the stacking operation and a rotary plow
feeder for the reclaim system.

Slurry preparation trains typically have one to five operating trains with one spare
train. The typical train consists of vibrating feeders, conveyors, belt scale, rod mills,
storage tanks, and positive displacement pumps to feed the gasifiers. All of the
equipment for both the coal handling and the slurry feed are commercially available.
This typical train design is assumed in two reports (McNamee and White, 1986;
Matchak et al., 1984).

A regression model was developed for the direct capital cost of coal handling and
slurry preparation using the data collected for possible independent variables
affecting direct capital cost. Figure 15 shows the data points. A regression was
developed, based on the equation developed by Frey (2001) and revised with
additional data (Chase 2003, IEA 2000, Foster 2003, and Brdar 2003). Coal feed rate
to gasifier on as-received basis is the most common and easily available independent
variable. The direct cost model for the coal handling is based upon the overall flow
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to the plant rather than on per train basis. This is because a better value of R? was
obtained in the former case. The regression model derived is:

DCepy =9.92my g, R*=0.8 (1)

where,
2,800 < m¢g; < 25,000 tons/day

60,000
8 50,000 & Brdar (2003)
3 m Chase (2003) m
240,000 A IEA (2003)
@)
s W Foster (2003)
= —— Model
8 30,000 . Y
g *
S 20,000 -
3
I
€ 10,000 |
@)
0 " " " "
0 1,000 2,000 3,000 4,000 5,000
Gasifier Coal Feed Rate As-Recieved (ton/day)

Figure 15. Direct Cost for the Coal Handling and Slurry Preparation Process (Cost Year =
2000)

Gasification

The GE gasification section of an IGCC plant contains gas scrubbing, gas cooling,
slag handling, and ash handling. For IGCC plants of 400 MW to 1100 MW,
typically four to eight operating gasification trains are used along with one spare
train (Matchak et al., 1984). The direct capital cost model is a function of the as-
received coal flow rate. The data is shown in Figure 16. The regression as shown in
Equation (22) is based on data from IEA (2003) and Chase (2003).

DC; =15.88% Mg g.0"" (22)

where,
1,300 < m¢sg; < 3,300 tons/day
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Figure 16. Direct Cost for Total Quench Cooled Gasifier (Cost Year = 2000)

Low Temperature Gas Cooling

In IGCC systems featuring "cold gas cleanup," the syngas is cooled to about 100 F
before entering the acid gas removal plant section. Additionally, in many IGCC
designs, moisture is added to the fuel gas in a fuel gas saturator to reduce NOy
formation during syngas combustion in the gas turbine.

The low temperature gas cooling section consists primarily of a series of shell and
tube heat exchangers. The fuel gas saturator is a vertical column with sieve trays in
which fuel gas is contacted counter-currently with hot water flowing downward.

Data for this particular plant section design was available from three studies (Chase
2003, IEA 2003, and Foster 2003). Although all "cold gas" IGCC systems have a
fuel gas cooling process area, not all IGCC system designs are based on fuel gas
moisturization. Alternatively, many are based on direct steam injection into the gas
turbine. Equation (23) shows the regression results from the data. See Figure 17 for
the data and regression results.

1.0

M,
DC,;=0.0156N,, | —2=0 R*=0.99 (23)

O,LT

where,

Ms n,LT 0
650,000 <| —=—21<1,300,000 Ib/hr

O,LT
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Figure 17. Direct Cost for Low Temperature Gas Cooling (Cost Year = 2000)

Process Condensate Treatment

The process condensate treatment section is used to treat blowdown from the
particulate scrubber and process condensate from gas cooling (Fluor, 1983b; 1985).
These streams contain ammonia, carbon dioxide, and hydrogen sulfide, and the
scrubber blowdown also has high chlorides content. The blowdown and condensate
stream are treated in separate strippers. The overhead vapor streams from both
strippers are cooled in air-cooled heat exchangers and then they flow through knock-
out drums prior to feed to the Claus plant sulfur furnace. The stripped bottoms
product from the blowdown water stripper is cooled by the incoming process
condensate water and then sent to a water treatment plant for biological treatment
prior to flow to the cooling tower. The bottoms from the process condensate water
stripper are sent as make up to the gas scrubbing unit.

Because the treated process condensate is used as make-up to the gas scrubbing unit,
and because blowdown from the gas scrubbing unit is the larger of the flow streams
entering the process condensate treatment section, it is expected that process
condensate treatment direct cost will depend primarily on the scrubber blowdown
flow rate. Because only two cost studies were identified with similar designs and
sufficient detail for regression analysis, a single variate regression analysis was used
and scaled to 2000$:

m
DCp=9814) —SB0— j”-ﬁ 24
re [300000 24)
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Figure 18. Direct Cost for Process Condensate Treatment (Cost Year = 2000)
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Water Gas Shift System

Water Gas Shift Process Description

Clean Shift Catalyst

Gases used in water gas shift reactors often contain sulfur components, such as H,S
and COS. These sulfur components have a detrimental effect on the activation of
some shift catalysts, which will be poisoned and lose activation in the presence of
sulfur components. On the other hand, sulfur components are necessary to maintain
the activation of some other shift catalysts. For the former type of shift catalysts,
sulfur components must be removed from reaction gases before the water gas shift
reaction. Hence this type of catalysts is so-called “clean shift catalyst”. A schematic
flowsheet of coal gasification system with a clean water gas shift reaction is given in
Figure 19. The raw syngas from the gasifier is cooled down, and fed to the soot
scrubber to remove the bulk of the air-borne particulates. Then the scrubbed syngas
is further cooled prior to passing through a sulfur removal process. Before passing to
the shift reactors, steam is added to the clean syngas to meet requirements of a
steam-to-carbon ratio. There are two shift reactors, one operating at a higher
temperature and a second operating at a lower temperature. Together these form a
water gas shift process. A feed/effluent heat exchanger exists between the high and

lower temperature shift reactors to assure a proper lower inlet temperature to the
second shift reactor.

Coal, H,0 Slag B a Sulfur
’ z 8 £ 38
T T c S o 2 T
x> 5@ Q=
(] . %) n OO0
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Scrubbing Cooling Removal
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IECM Technical Manual for IGCC Water Gas Shift System e 49



Figure 19: Coal gasification system with a clean water gas shift reaction

For a two-stage shift reaction with clean shift catalysts, the iron-based catalyst is the
common commercially available high temperature catalyst. The commonly used low
temperature clean shift catalysts are copper-based. Both high temperature and low
temperature catalysts require activation by in situ pre-reduction steps. Since both
catalysts burn up when exposed to air (pyrophoric), they must be sequestered during
system shutdown when only air flows through the system [Frank 2003a].

The lifetimes of Cu-based catalysts and Fe-based catalysts are determined by the
poison-absorbing capacity of the catalysts. These poisons are inevitably present in
the process gas, such as syngas from coal gasification, or introduced with steam. As
mentioned above, the key poison in syngas is sulfur. Hence a sulfur removal process
is required upstream of the water gas shift reaction.

Sulfur Tolerant Shift Catalysts

The so-called sour shift catalysts are sulfur tolerant, and sulfur is required in the feed
gas to maintain the catalyst in the active sulphided state. This type of catalyst is
usually cobalt-based.

Figure 20 shows the schematic process of a gasifier system with a sour shift reaction.
The process draws its name from the acidic or “sour” gases that remain present in the
syngas through the water gas shift process before being removed. The syngas from
the gasifier is quenched, and then the raw syngas is fed to the soot scrubber,
removing the bulk of particulates before passing to the sour shift reactors. Before
passing to the shift reactors, steam is added to the scrubbed syngas to meet the
requirements of a steam-to-carbon ratio. The first shift reactor operates at high
temperature and the hot shifted syngas must be cooled by a heat exchanger prior to
entering the second shift reactor. After heat recovery, the cool shifted syngas from
the second shift reactor and the final shifted syngas is further cooled prior to being
passed to the sulfur removal system.

°
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T 25 2% 52
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i3 30 go
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Figure 20: Schematic process of a gasifier system with a sour shift

The sour shift catalyst has demonstrated it’s high and low temperature performance,
ranging from 210°C to 480°C, and works properly up to a pressure as high as 1160
psia [Frank, 2003b]. Because the catalyst is not impregnated with a water-soluble
promoter it can be operated closer to the dew point and will not lose activity when
wetted occasionally.
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In a gasification plant, the average catalyst life in the first stage shift reactor was 2.5
years, and 5-8 years in the second reactor [Frank, 2003b]. The difference in catalyst
life in the two reactors is highly influenced by the gas quality. These data of
catalysts’ lifetime are adopted for the estimation of the operation and maintenance
cost of the water gas shift reaction system.

Water Gas Shift Performance Model

This section presents the performance model developed for the WGS reaction
process. This is a general performance model for a two-stage shift system with either
clean shift catalysts or sulfur tolerant shift catalysts. The purpose of the performance
model is to characterize the change in syngas composition and flow rate as a function
of inlet condition to the WGS reactor and key design parameters of the WGS system.
The performance model also characterizes the heat integration between the shift
reaction system and the steam cycle system.

A general water gas shift reaction process model is illustrated in Figure 21. The
black box in this figure includes a high temperature reactor, a low temperature
reactor and several heat exchangers for heat recovery. The performance of the shift
reaction was first modeled in the Aspen Plus. In this model, the syngas from a
gasifier is mixed with steam or quenched at a given temperature and pressure, and
then fed into the high temperature reactor. Most of the CO in the syngas is converted
to CO, in the high temperature reactor at a fast reaction rate. Because the water gas
shift reaction is exothermic, the syngas from the high temperature reactor has to be
cooled before being fed into the low temperature reactor. Further CO conversion is
achieved in the low temperature reactor. The shifted syngas from the low
temperature reactor is cooled down again for subsequent CO, capture in a Selexol
process. Part of the heat from syngas cooling is used to heat the fuel gas from
Selexol process, and the other part of the heat is integrated into the steam cycle.
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Figure 21: Mass and energy flow of the water gas shift reaction system

In this model, the reactions in the two reactors are assumed to achieve equilibrium
states. On the other hand, the shift reaction in a real reactor only approaches an
equilibrium state. In order to compensate for the difference between the equilibrium
state assumption and the real state in a reactor, the approach temperature method is
used to adjust the model equilibrium temperatures. The difference between the
model temperature and the design reaction temperature is referred to as the approach
temperature. The approach temperature is determined through comparing model
outputs with practical data from shift reactors in the industry field. Thus, with the
approach temperature, the reactor model is assumed to reach an equilibrium state at a
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higher temperature than the design temperature, which makes the CO conversion
efficiency in the model to match the realistic situation.

The Aspen model had been executed thousands of times with varying the inlet
temperature, pressure and syngas composition. The value ranges of these parameters
are given in Table 9, which covers the possible ranges of gasification operation. The
inlet temperature was varied in a step of 30 F, and the inlet pressure was varied by a
step of 100 psia. At the same time, 50 different syngas compositions were used. A
total of 9000 cases were run. Based on the Aspen simulation results, statistical
regression methods were then used to develop relationships between the inlet
conditions and the final products of the WGS reaction. Using these regression
relationships, the entire water gas shift reaction system can be treated as a “black
box” when it is used in the [IECM framework.

Table 9: Range of model parameter values for the WGS reaction system

Inlet Inlet \Volume in the syngas (vol%)
Parameter . (B pres.
' (psia)  ico H, CO, [HO [CH,4
Range 440-755 150-1500 |20-60 | 15-55 |5-30 530 [0.5-20

Parameters of the WGS performance model

The input and outlet parameters of this model include the temperature, pressure, and
flow rates of the inlet and the outlet syngas as shown in Table 10. The input
parameters are used to calculate reaction rates and the composition changes after the
reaction.
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Table 10: Input and output parameters of the WGS reaction system

Input parameter Output parameter
Temperature (F) Temperature (F)
?r}g:fas Pressure (psia) Shifted Pressure (psia)
oasifier Flow rate (Ib-mole/hr) syngas Flow rate (Ib-mol/hr)
Molar concentrations of CO, Molar concentrations of CO,
CO,, H,0, Hy, N, CH, CO,, H,0, Hy, N, CHy
Steam/carbon molar ratio Reaction rate & Catalyst volume (ft’)
Feed Pressure (psia) HP & IP Temperature (F)
water Temperature (F) steam Flow rate (Ib-mol/hr)

Performance Model Output

This section discusses the performance outputs of this model. In this section, the CO
to CO, conversion is defined and calculated using the chemical equilibrium constant.
The outlet temperatures and syngas composition of the two shift reactors are
regressed from Aspen model simulation results. The heat released from the syngas
cooling is also quantified for the energy balance calculation of the whole IGCC
system.

Shifted Syngas Composition

The water gas shift reaction is a method for further enhancing the yield of hydrogen
from gasification. Syngas mixtures containing mostly hydrogen and carbon
monoxide are typically generated at elevated temperatures via the combustion of
coal, bio-mass, petroleum and organic wastes [Wender, 1996]. Steam is then added
to the CO-H, feed mixture prior to being introduced to water-gas shift reactors to
convert the CO to CO, and additional H,. However, thermodynamic equilibrium
favors high conversion of CO and steam to hydrogen and carbon dioxide at low
temperatures. Therefore, the water-gas shift reaction is commonly conducted at low
temperature in the presence of catalysts that enhance the reaction rate. The water-gas
shift reation is reversible and given by Equation (25).

CO+H,0 < CO, +H, AH =—41kJ | mol (25)

The water gas shift reaction occurring in both the high and low temperature reactors
changes the concentration of syngas species and the temperature of the syngas. The
CO conversion efficiency (&) can be used to show how much CO is converted into
CO, in one reactor or in two reactors.

_CO flow in(lb-mol/hr)—CO flow out(lb-mol/hr)

d CO flow in(lb-mol/ hr)

A numerical model is set up to calculate the CO conversion in a shift reactor for
given inlet parameters. Based on the definition of the CO conversion and
stoichiometric factors of the reaction, the CO concentration of syngas exiting the
high temperature reactor is given by,

[CO],, =[COJp-(1=¢3) (26)

where
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[CO],,, = molar concentration of CO in the syngas exiting the high temperature

reactor

[CO], = molar concentration of CO in the syngas entering the high temperature
reactor

&, = CO conversion in the high temperature reactor

Based on the shift reaction shown in Equation (25) and the definition of CO
conversion, the molar concentrations of H,, CO, and H,O after the high temperature
reactor are given by,

[CO, ], =[CO, ]y +[CO]y - 27
[H3]4, =[H1]o +[CO]y -5 (28)
[H,0];, =[H,0], ~[CO], - &), (29)

Using the CO conversions definition and Equation (26), the CO concentration of
shifted syngas after the low temperature reactor is to be given by,

[CO],, =[CO]y- (1) (30)

where
[CO],, = molar concentration of CO in the syngas exiting the low temperature
reactor

f;wt = the total CO conversion in the high and low temperature reactors

Then the concentrations of H,, CO, and H,O after the low temperature reactor are
given by,

[H,]1, =[Hy]o +[CO)y - &1t (€29)
[CO, ], =[CO, ]y +[CO]y - Sy (32)
[HZO]I,U = [HZO]O _[CO]O 'fmz (33)

Flow rate of high pressure saturation steam

In the following two sections, temperature changes and flow rates of water and
syngas are calculated, and then used for the following cost model.

Syngas from the high temperature reactor is cooled down to a temperature which is
determined by the dew point of syngas before it is fed into the low temperature
reactor. According to the heat integration design, heat from the exothermic reaction
is recovered to generate high pressure saturated steam for the steam cycle.

The temperature of the saturation steam is determined by the high pressure steam
cycle in the power block. Using the data from the ASME steam and water table
(1967), the temperature is given by the following regression equation:

T (F)=32834+03565P, —0.0002P; +6-10°P;,
R?*=0.99 (34)

-7-107"2p¢

where

P, (psia) = pressure of steam cycle, (300 ~ 3000 psia)
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The heat released by the syngas after the high temperature reactor is determined by,
O (Btu/ hr) =q g - fs6.,0 (335)

where
fsG.o = total molar flow rate of syngas entering the high temperature reactor
(Ib-mole/hr);

q i = heat released per 1b-mole syngas after the high temperature reactor,
which is regressed and given by (Btu/lb-mole),

Btu 0.0360 1.2874 1.14347 —0.4734
—) =P, T co CcoO
qHEl(lmel) 0 0 [CO]p [CO, ] R’=0.95 (36)

[H20]8‘3150 [H, ]80003 (N, ]80139
where

F,, = the pressure of syngas entering the high temperature reactor (psia)
T, = the temperature of syngas entering the high temperature reactor (F)

[i], =the molar concentration of species i entering the high temperature reactor

Based on the total heat available and the saturation temperature, the flow rate of the
saturation high pressure steam (f;;ps, Ib-mole/hr) can be calculated by the following
equation,

QHE 1

Sups = ( (37

T )

w,sat

where

hrw ., = enthalpy of steam at saturated temperature (Btu/1b-mole)

hy, = enthalpy of high pressure feed water at inlet temperature (Btu/lb-mole).

Intermediate Pressure Steam

The syngas from the low temperature reactor is cooled to 100 F for sulfur removal,
and the heat is recovered to generate the intermediate pressure steam. The total heat
Oy« (Btu/hr) released when the syngas from the low temperature reactor is cooled
down to 100 °F is given by,

Qs = f1,(9255-T,,, ~0.316- P, ~13861-[CO,,,
~297.779-[CO, 1,,, ~148534-[H, ], +1759587-[H,0],,, R2=0.95 (38)
~143929-[N,1,, ~331.533-[CH,],,,)

where

/1., = molar flow rate of syngas exiting low temperature reactor (Ib-mole/hr);
T, , = syngas temperature at the outlet of the second reactor
P, ,= syngas pressure at the outlet of the second reactor

[1], , = molar concentration of species i at the outlet of the second reactor
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In order to meet the approach temperature requirement in the superheater, the final
temperature of the intermediate pressure steam (7ps) is set to be 10 F lower than the
outlet temperature of the syngas from the second shift reactor, and the feedwater
temperature is set to be 59 F. Hence the flow rate of the intermediate pressure steam
(Fps, Ib-mole/hr) is given by,

(Srps + Fips)- (h[Pm, —hpw)+ fips - (hyps — h1aa, )= Qo 39)

where

fups = flow rate of the high pressure saturation steam (Ib-mole/hr)

h,, = enthalpy of the intermediate pressure saturation water at the inlet

temperature (Btu/Ib-mole)

h p = enthalpy of the feedwater (Btu/Ib-mole)

h ;ps = enthalpy of the final intermediate pressure steam (Btu/Ib-mole)

WGS Cost Models

This section presents the economic model developed for the water gas shift reaction
process. The cost model is comprised of the capital cost model and the annual
operating and maintenance (O&M) cost model. The capital cost of the WGS reaction
system includes the following major process areas: the first stage shift reactor, the
second shift reactor and the cooling units. For each of these major areas, its process
facilities cost model is developed at first.

Process Facility Cost

The process facility cost of the reactor includes the reaction vessel, structural
supports, dampers and isolation valves, ductwork, instrumentation and control, and
installation costs. The reactor vessels are made of carbon steel. The process facility
costs of the shift reactors are estimated based on the reactor volumes, which is
assumed to be 1.2 times the catalyst volume [Doctor, 1994].

Shift Reactor Vessels

The process facility costs of the high and low temperature shift reactors are regressed
as a function of reactor volume and operation pressure using the data in Table 11.
Any of the process facility costs can be expressed for a different year using the
Chemical Engineering Plant Cost Index.

1.27,
PFC p = 0.9927 - Ny p[17.6487 (—N car. 04883 p 20287 R2=0.9 (40)
O,R

where
PFCp = the process facility cost of the reactor (US$ in 2000)

N rr = the total number of the reactor trains

No.r = the number of the reactor operating trains

y

. = the volume of catalyst (m’)
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Py, =the operation pressure of the reactor (atm)

Table 11: Water gas shift reactor cost data adjusted to the dollar value in 2000 [Doctor,
1996]

Cost ($ in 2000) Reactor volume(m?®) Pressure(atm)
82864.8 22.6 31.1
38692.2 34 18.7
59189.0 9.684 31.0
21495.0 11.553 18.7

Heat Exchangers

In this model, two types of heat exchangers are used, which are the gas-liquid type,
and the gas-gas type. Generally, the cost of a heat exchanger depends on its heat
exchange surface, which is determined by the heat load of the exchanger and the
temperature difference between the hot and cold flows. To allow for variations in
these parameters, the process facility cost of the gas-liquid type heat exchanger was
regressed using the data in Table 12,

PFCppy =1.0064- N7 1 '[13‘7528(dTHE)_0'6714

One 0.6855 R’=0.91 41
X (=) ]
No uE

where

PFC g = process facility cost of the gas-liquid heat exchanger (US k$ in
2000)

N7y = number of total train of the heat exchanger
No.yr = number of the operating train of the heat exchanger
Oy = heat load of the heat exchanger (kW)

dTy; =log mean temperature difference (C)

Table 12: Gas-liquid heat exchanger cost data adjusted to the dollar value in 2000 [Doctor,
1996]

Log mean
(C}f;itn 2000) Pressure (atm) [temperature 3(33; e
difference (C)
625.4 30.7 68.2 16421.6
615.0 30.7 90.8 21052.4
210.2 18.7 190.4 9298.0
168.2 19.4 148.6 5036.0
472.9 19.4 121.0 19534.9
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3153 19.4 13.7 1293.1
210.2 18.7 190.4 9298.0
99.8 19.4 153.5 2407.3
210.2 20.4 190.4 9298.0
634.6 68.1 52.0 12119.7
210.2 157.8 190.4 9298.0

Based on the data in Table 13, the process facility cost of the gas-gas type heat
exchanger is given by,

PFCypy =0.9927 - Ny 1y, [24.4281- P75 (d Ty, ) M
R?*=0.94 (42)
><( QHEZ )0.3881]

No,nea

where
PFC,, = process facility cost of gas-gas heat exchanger (US k$ in 2000)

Ny yp = total train number of the heat exchanger

No yp = operating train number of the heat exchanger

Oy = heat load of the heat exchanger (kW)

dTy = log mean temperature difference in the heat exchanger

The process facility cost can be given in another year basis by using the Chemical
Engineering Plant Cost Index.

Table 13: Gas-gas heat exchanger cost data adjusted to the dollar value in 2000 [Doctor,

1996]
Cost (k$ in 2000) Pressure Log mean Heat load (kW)
(atm) temperature (C)

1757.3 30.7 98.0 17319.5

1757.3 30.7 90.7 16776.2

2205.4 19.4 10.0 42480.7

3131.2 30.7 3184 100832.3

2606.0 31.6 340.4 95833.1

897.1 68.1 17.2 1223.6

2193.5 18.7 31.8 25641.0

1294.8 18.7 19.4 4034.0

644.3 20.4 69.1 2407.3

849.9 20.4 71.4 5036.0

692.1 20.4 57.5 2407.3

966.5 18.7 51.2 5036.0
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Total Capital Requirement

The total process facilities cost of the water gas shift reaction system is the
summation of the individual process facility costs above plus the cost of initial
catalyst charge. This is added because it is also a large and integral part of the
reaction system. Following the EPRI Technical Assessment Guide (1993), the total
capital requirement and O&M cost of the WGS reaction system is given in Table 14.

Table 14: Cost parameters of water gas shift process

Capital cost elements

Value

Total process facilities cost

Sum of the PFC of each equipment

Engineering and home office 10% PFC
General facilities 15% PFC
Project contingency 20% PFC
Process contingency 5% PFC

contingency

Total plant cost (TPC) = PFC+Engineering fee+General facilitiest+Project & Process

Allowance for funds during construction
(AFDC)

Calculated based on discount rate and
construction time

Royalty fees

0.5% PFC

Preproduction fees

1 month of VOM&FOM

Inventory cost

0.5% TPC

cost

Total capital requirement (TCR) = TPC+AFDC+Royalty fees+Preproduction fee+Inventory

Fixed O&M cost (FOM)

Total maintenance cost

2% TPC

Maintenance cost allocated to labor

40% of total maintenance cost

Administration & support labor cost

30% of total labor cost

Operation labor

1 jobs/shift

Variable O&M cost (VOM)

High temperature catalyst

$250/ft, replaced every 2.5 years

Low temperature catalyst

$250/ft, replaced every 6 years
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Sulfur Removal and Recovery
(Cold-Gas Cleanup)

Nomenclature

¢, = Capacity Factor (fraction)

Mgyns,i = Molar flow rate of syngas entering Selexol process (Ibmole/hr)
M c,o = Molar flow rate of sulfur exiting Claus process (Ibmole/hr)
Mys s; = Molar flow rate of hydrogen sulfide entering Selexol process (Ib-mole/hr)
m, ¢, = Mass flow of sulfur from Claus plant (Ib/hr)

mps, = Mass flow of sulfur from Beavon-Stretford plant (Ib/hr)

fus = Fraction of hydrogen sulfide (by volume)

Nrs= Total number of Selexol trains (integer)

No.s= Number of operating Selexol trains (integer)

Nt = Total number of Claus trains (integer)

No,c= Number of operating Claus trains (integer)

Nt s = Total number of Beavon-Stretford trains (integer)

No.ss = Number of operating Beavon-Stretford trains (integer)

nas = Removal efficiency of hydrogen sulfide from Selexol system (fraction)

Process Description

A number of different sulfur removal and recovery systems have been studied in
IGCC and coal-to-SNG plant designs. The most common configuration is the
Selexol process for sulfur removal from the raw syngas, a two-stage Claus plant for
recovery of elemental sulfur, and the Shell Claus off-gas treating (SCOT) process for
treatment of the tailgas from the Claus plant. However, a number of alternative
designs have also been considered. These include integration of the Selexol and
SCOT processes in the LONGSCOT design, as well as the use of alternative
processes including the Dow GAS/SPEC MDEA and Selectox processes. The design
basis assumed here is a Selexol unit for sulfur removal, a two-stage Claus plant for
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sulfur recovery, and either a SCOT or a Beavon-Stretford unit for Claus plant tail gas
treatment. In this section, the development of a cost model for the Selexol process is
discussed.

Selexol Sulfur Capture

The proprietary Selexol process selectively removes hydrogen sulfide from the raw
syngas. Typically, about 95 percent of the hydrogen sulfide is removed through
counter-current contact of the syngas with Selexol solvent. The Selexol process also
removes approximately 15 percent of the carbon dioxide in the flue gas. Typically
only about one third of COS in the syngas will be absorbed. H,S and COS stripped
from the Selexol solvent, along with sour gas from the process water treatment unit
is sent to the Claus sulfur plant for recovery of elemental sulfur.

The composition of the acid gas stream which is sent from the Selexol unit to a
sulfur recovery plant is typically over 50 percent carbon dioxide (Bechtel , 1983a;
Bechtel, 1988; Cover et al, 1985a, 1985b; Fluor, 1983a, 1983b, 1984, 1985; Parsons,
1982). The studies cited here include both IGCC and coal-to-SNG systems based on
a variety of gasifiers, including KRW, Texaco, and Shell designs. From these
studies, 28 individual data points were developed. Thus, the database for the Selexol
cost model represents a variety of coal gas compositions.

From the available performance and cost information for the Selexol process applied
to gasification systems, a database containing total direct cost, syngas inlet flow rate,
syngas composition (e.g., carbon dioxide, hydrogen sulfide, carbonyl sulfide, water
vapor), removal efficiency of syngas components, acid gas flow rate and
composition, and syngas temperature and pressure was developed. The inlet crude
syngas temperatures for these data ranged from 95 to 120°F and the inlet pressures
ranged from 315 to 557 psia.

The inlet syngas is contacted counter-currently in a packed bed with Selexol solvent.
For a more detailed discussion of this process area, the reader is referred to any of
the design studies used as a basis for cost model development, and in particular Fluor
(1985). The absorption occurring in the absorber reduce the temperature of the
syngas. The treated syngas flows through a knock-out drum to remove solvent mist
and is then heated in a heat exchanger by the incoming fuel gas. The cost of the
Selexol section includes the acid gas absorber, syngas knock-out drum, syngas heat
exchanger, flash drum, lean solvent cooler, mechanical refrigeration unit, lean/rich
solvent heat exchanger, solvent regenerator, regenerator air-cooled overhead
condenser, acid gas knock-out drum, regenerator reboiler, and pumps and expanders
associated with the Selexol process.

The absorption of hydrogen sulfide by the solvent is influenced by the liquid to gas
molar ratio in the absorption tower, the partial pressure of the hydrogen sulfide in the
syngas, the contact temperature, the number of absorption stages or trays in the
tower, and the amount of residual hydrogen sulfide left in the regenerated solvent
(EPA, 1983). The absorption tower must be sized based on the syngas volume flow
rate and the number of trays required for contacting solvent with the syngas. The
solvent circulation rate depends on both the syngas molar flow rate and the desired
removal efficiency for hydrogen sulfide. As the removal efficiency is increased, the
solvent circulation rate must be increased (EPA, 1983). The solvent circulation rate
affects the cost of most of the process equipment in the Selexol process. However,
data for the circulation rate are not reported in the design studies. Therefore, to a first
order approximation, the cost of the Selexol process is assumed to depend on the
syngas flow rate for the syngas temperature and pressure range of the database. The
hydrogen sulfide removal efficiency is expected to have a secondary effect on cost,
because it also influences the solvent circulation rate. Other parameters such as
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syngas temperature or the concentration of hydrogen sulfide in the syngas may also
have secondary effects on the process area cost.

Claus Plant Sulfur Recovery

In most IGCC cost studies, sulfur recovery is assumed to be achieved using a Claus
plant to produce elemental sulfur. This section presents an overview of the design
features of a Claus plant in the IGCC process environment. For additional detail see
(Fluor, 1985) or any of the other detailed design studies of IGCC or coal-to-SNG
systems used to develop this process area cost model.

The inlet stream to the Claus plant is the acid gas from the sulfur removal section. In
this study, only data for Claus plants that process the acid gas from a Selexol unit are
considered. The acid gas typically contains primarily carbon dioxide and hydrogen
sulfide. In order to produce elemental sulfur, a 2:1 ratio of hydrogen sulfide and
sulfur dioxide is required. Therefore, a portion of the incoming acid gas is combusted
in a two-stage sulfur furnace. The furnace temperature is high enough in the first
stage (typically 2,500°F) to destroy any ammonia in the acid gas. Intermediate
pressure steam (e.g., 350 psia) is generated from the waste heat produced in the
sulfur furnace, cooling the feed gas to the Claus converters to about 600°F. Further
cooling to 350°F occurs in a sulfur condenser, generating low pressure steam (e.g.,
55 psia). Sulfur flows to a gravity sump, and is kept molten by condensing low
pressure steam that flows through coils in the bottom of the sump.

Some of the furnace gas is used to heat the feed gas from the first condenser to
approximately 450°F prior to entering the sulfur converter, where hydrogen sulfide
and sulfur dioxide react in the presence of a catalyst (e.g., Kaiser S-501) to produce
elemental sulfur and water. This reaction is exothermic, and the outlet temperature of
the gas is approximately 630°F. The conversion rate is limited by thermal
equilibrium. Gaseous sulfur is recovered in a second condenser. The cooling may be
accomplished by heating water for fuel gas saturation. The feed gas then is mixed
with remaining combustion gases and then enters the second converter. A third
condenser, in which water for fuel gas saturation may be heated, is used for final
sulfur recovery. The effluent gas from the Claus plant then passes through a
coalescer and then on to tail gas treatment.

Beavon-Stretford Tail Gas Treatment

In this section, an overview of the performance and design of the Beavon-Stretford
process is presented as background information for the development of a regression
cost model. See (Fluor, 1983a) or (Fluor, 1983b) for a more detailed discussion of
this process.

The Beavon-Stretford process is a modification of the Stretford process, which is
designed to remove hydrogen sulfide from atmospheric pressure gas streams and
convert it to elemental sulfur. However, the Stretford process is not appropriate for
handling effluent gases containing sulfur dioxide, carbonyl sulfide, or elemental
sulfur. Therefore, a Beavon unit is used to catalytically reduce or hydrolize these
species to hydrogen sulfide in the presence of a cobalt molybdate catalyst.

Because hydrogen is required for the reactions occurring in the Beavon unit, flash
gas from the acid gas removal section is used as a feed stream. The flash gas is
partially combusted in a reducing gas generator, mixed with the Claus plant tail gas,
and the total gas stream then enters the Beavon hydrogenation reactor. The hot gas
from the reactor is cooled in a waste heat boiler where intermediate pressure (e.g.,
100 psia) steam is generated. The gas stream is further cooled in the desuperheater
section of a thermally integrated desuperheater/absorber vessel. The cooling of the
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gas stream is accomplished by heat transfer with cooling water, which is recirculated
through an air-cooled heat exchanger. The gas stream then enters the absorber
portion of the vessel, where over 99 percent of the hydrogen sulfide is removed by
contact with a Stretford solution containing sodium carbonate. The treated gas is
vented to the atmosphere.

The Stretford solution flows to a soaker/oxidizer, where anthraquinone disulfonic
acid (ADA) is used to oxidize the reduced vanadate in the Stretford solution. The
ADA is regenerated by air sparging, which also provides a medium for sulfur
flotation. The sulfur overflows into a froth tank, and the underflow from the
oxidizer/soaker is pumped to a Stretford solution cooling tower and then to a filtrate
tank.

The sulfur from the froth tank is pumped to a primary centrifuge, where the wet
sulfur cake product is reslurried and sent to a second centrifuge, after which the
sulfur is again reslurried. The slurry is then pumped through an ejector mixer, where
the sulfur is melted and separated in a separator vessel. The sulfur goes to a sump.

Performance Model

Selexol Reagent Use

Initial Solvent

The initial requirement for Selexol solvent is expected to depend primarily on the
mass flow of hydrogen sulfide, the primary sulfur species in raw syngas, and on the
concentration of the hydrogen sulfide. A multivariate regression yielded the
following result for the initial solvent requirement, expressed in pounds:

M, R*=.959
CHEM g = 25,200 +16.6 —=-
' HS n=12
where,
50 £ Mys s, < 900 Ibmole/hr
0.004 < fis <0.012

The solvent requirement estimated from the regression model is compared to the
reported solvent requirement in Figure 22.
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Figure 22 Initial Solvent Requirement for the Selexol Process.

Makeup Solvent

Selexol solvent is lost during the process and must be replenished. It is a function of
the syngas flow rate, not the acid gas flow rate or capture rate. The makeup Selexol
solvent flow rate is expressed in units of pounds per year. The regression shown is
taken from (Frey, 2001). The regression model is shown graphically in Figure 23 and
in equation form as:

R*=0.989
Mgoly,S,i — Cf (-350 + 1-58Msyn,S,i) lb/yI‘ n=11
where,
4,000 < Mgy s; < 74,500 (lbmole/hr)
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Figure 23: Annual Solvent Requirements for the Selexol Process
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Claus Plant Catalyst Use

Initial Catalyst

The initial catalyst requirement for two-stage Claus plants was found to depend on
the recovered sulfur mass flow rate. The initial catalyst requirement, in tons, is given

by:
2
-3 R“=.959
CAT; - =5.03%10" m ¢, n=12
where,
1,000 < mg ¢, < 30,800 1b/hr
The regression model is shown graphically in Figure 24.
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Figure 24 Initial Catalyst Requirement for Two-Stage Claus Plant.

Makeup Catalyst

The makeup Claus plant catalyst requirement is expressed in units of tons per year.
This is the amount of catalyst that must be replaced in an average year. It is based on
a regression done by (Frey, 1990).

2 _
Mgy, c.; = 0.000961 ¢, -my ., §:_12_843

where,
1,000 < < my c.,<,26,000 1b/hr

The regression model is shown graphically in Figure 25.
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Figure 25: Annual Makeup Catalyst Requirement for Two-Stage Claus Plant

Beavon-Stretford Catalyst Use

Initial Catalyst

The Beavon-Stretford process requires a catalyst for the Beavon unit and a special
chemical for the Stretford unit. The initial catalyst and chemical requirements for the
Beavon-Stretford process were estimated from the values reported in (Fluor, 1983a),
which includes data for a range of plant sizes. From these data, a simple linear
relationship of catalyst and chemical requirements as a function of the sulfur
recovered in the Beavon-Stretford unit was identified.

In the case of the Beavon catalyst, the mass requirement as a function of sulfur flow
rate can be estimated. In the case of the Stretford chemicals, the mass requirement is
not given. However, the cost of the initial Stretford chemicals as a function of the
recovered sulfur flow rate was developed. The resulting regression models for the
initial catalyst requirement (CAT; gs), in cubic feet is:

2 _
CAT, g =-13+0.641-m R*=1.00
i,BS s,BS,0 _
n=>5
1400
B
k-] 1200 <
:§ 1000 -
L]
E 800
[ Cost Study
g BOO B AP-3084
E —— Raegression
E 400 Model
m
W 2004
=
=
U T T T L]
Q 500 1000 1500 2000 2500

Sulfur Production from Beavon-Stretford Units, Ib/hr

Figure 26 Initial Catalyst Requirement for the Beavon-Stretford Process.
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Makeup Catalyst

This is the amount of catalyst that must be replaced in an average year. It is based on
a regression done by (Frey, 1990). The makeup catalyst requirement is expressed in
units of cubic feet per year. The data and regression are shown in Figure 27. Two
outlier data points were excluded from the analysis, as indicated in the figure. These
points, both from the same study (Fluor, 1983b), appear inconsistent with the more
extensive set of data from the other study (Fluor, 1983a).

2_
Meat,BS,i = 0.0856 - Cr Mg BS.o 11?:;100
where:

100 < m, s, <,2,000 Ib/hr

200

-g. .

Cost Study

. AP-3084
* AP-3129

— Regression Mcdel
(excluding 2 data points)

.100

(100% Capacity Factor)
8
L

Annual Beavon Catalyst,
cubic feet per year

o ] T ] T A
0 500 1000 1500 2000 2500

Sulfur Production from Beavon-Stretford Units, Ib/hr

Figure 27: Annual Catalyst Requirement for the Beavon-Stretford Process

Chemical Use

Unlike the consumable catalysts, data are not available regarding the makeup mass
flow rate for the Stretford chemicals. However, data are available regarding the cost
of the Stretford chemicals. These calculations are provided later in this chapter with
the operating and maintenance costs.

Energy Use

Sulfur Removal (Selexol)

The auxiliary power consumption model for the Selexol process in MW was
developed by (Frey and Rubin, 1990) using 18 data points and is given by

R?=0.881

W, s =0.348+0.000478- (M, 5, P**° ~ e

where,
4,000 < Mgy s, < 74,500 Ib-mole/hr

The regression model is shown graphically in Figure 28.
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Figure 28 Power Requirement of the Selexol Units

Claus Plant

The auxiliary power consumption model for Claus plant in MW was developed by
(Frey, 1990) using 20 data points is given by:

W, c=0.000021-m R?=0.87

where,
1,000 < mg ¢, < 30,800 (Ib/hr)

800
n Cost Study

2 o AP-3084

- 6009 e AP-4018

.E-‘ B AP-3129

E’ o AP-3486

2 400 4 m  AP-4395

§ o GRI-87/0155
o a GRI-B7/0160
- 200 - a GRI-87/0169
o - Regressicn Model

0 . . ' . . . .
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Figure 29 Power Requirement for Two-Stage Claus Plants

Beavon-Stretford Unit

The auxiliary power consumption model for Beavon-Stretford plant in MW was
developed by (Frey, 1990) and is given by:

2_
W, ps = 0.0445+0.00112 - m, g , R —2,990
’ ) > n _

where,
100 < mgps, < 2,000 (Ib/hr)
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The regression model is shown graphically in Figure 30.
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Figure 30 Power Requirement for the Beavon-Stretford Process

Sulfur Removal and Recovery Cost Model

Direct Capital Cost

Direct capital cost correlations for each process area are described in the following
sections of this report. While some of the process area models may be applicable to a
variety of IGCC or coal-to-SNG systems, the models are intended for the specific
purpose of estimating the direct cost of the cold gas cleanup systems for capturing
and recovering sulfur. The purpose here is not to recapitulate each detail of the
process area design basis, but rather to document the development of the cost
models. Therefore, the reader may wish to read this report in conjunction with some
of the performance and cost studies cited here to obtain more detail about specific
process areas.

Capital costs are given for a particular basis year. To provide the costs using a
different year, the reader is encouraged to use the Chemical Engineering Plant Cost
Index.

Sulfur Removal (Selexol)

Several alternative regression model formulations were attempted based on syngas
flow rate, temperature, pressure, hydrogen sulfide concentration, and the removal
efficiency for hydrogen sulfide. The cost of the Selexol process was found to depend
primarily on the syngas flow rate entering the acid gas absorber. The cost is also
influenced to a much smaller degree by the hydrogen sulfide removal efficiency.
Other parameters had less significant or statistically insignificant effects in
explaining the cost of the system. Therefore, these additional parameters were
excluded from the model.

Hydrogen sulfide in the syngas is removed through counter-current contact with the
Selexol solvent. The cost of the Selexol section includes the acid gas absorber,
syngas knock-out drum, syngas heat exchanger, flash drum, lean solvent cooler,
mechanical refrigeration unit, lean/rich solvent heat exchanger, solvent regenerator,
regenerator air-cooled overhead condenser, acid gas knock-out drum, regenerator
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reboiler, and pumps and expanders associated with the Selexol process. The cost
model is same as the one developed by (Frey, 1990) for a gasifier-based IGCC
system with cold gas cleanup. The number of operating trains is calculated based on
the syngas mass flow rate and the limits for syngas flow rate per train used to
develop the regression model as given below. A minimum of two operating trains
and no spare trains are typically assumed.

IGCC systems with hot gas cleanup produce a hotter gas that requires a modified
selexol system to be installed. The direct capital cost model for the Selexol section
for a hot gas cleanup system in 2000 dollars is:

0.980 5

04657Ny (M5, R2=0.909

S_ =
(1_77)0‘059 L No.s n=28

where,

Msyn S,i
2,000 < | ——— |<£ 67,300 (Ib-mole/hr)
0.8

0.835 <mus <0.997

The same direct cost model for Selexol section is used as that in the radiant and
convective design except for a small modification of the coefficient in the equation.
This modification was done to match a data point obtained from the study by
(Matchak et al, 1984). The direct capital cost model for the cold gas cleanup Selexol
section in 2000 dollars is:

0.980
_0.3045 Ny s Moy 5,
s (1—7)°0% L Nos

where,

Ms n,G,i
2,000 < | —2%L | <67,300 ( Ibmole/hr)
No.s

0.835 < 55 < 0.997

200 < Wy <550 (MW)

The range for the syngas molar flow rate per train indicates the size range for a
single train. Because the scaling exponent for the syngas flow rate term is within the
range typically expected for chemical process plants, extrapolation above this range
may yield satisfactory results. However, the range for syngas molar flow per train is
actually quite large, implying that extrapolation is unlikely in practice. Moreover, the
preferred alternative to extrapolation is to adjust the number of trains so that the
molar flow rate per train is within the given range. The range for the hydrogen
sulfide removal efficiency should not be extrapolated. A graph comparing the
regression model estimates of direct cost with the costs reported in the literature is

given in Figure 31.
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Figure 31 Predicted vs. Actual Costs for Selexol Acid Gas Removal

Sulfur Recovery (Claus Plant)

A direct cost correlation was developed for two-stage Claus plants based on data
from a number of gasification plant studies. A number of data points are not included
in this correlation because they represent either three-stage Claus plants or two-stage
Claus plants with tail gas incineration and no tail gas treatment, with the incinerator
costs included in the direct cost.

The cost of a Claus plant is known to scale primarily with the recovered sulfur mass
flow rate capacity using the standard exponential scaling model with an exponent of
approximately 0.6 (EPA, 1983b). It appears that this scaling rule may have been the
basis for developing the cost estimates of Claus plants used in the design studies,
because an excellent goodness-of-fit was found for a single variable regression based
on sulfur recovered. The scaling exponent that was obtained in the single variate
analysis was 0.668.

The regression model was further developed to represent the number of operating
and spare trains for each data point in the database. The Claus plant contains a two-
stage sulfur furnace, sulfur condensers, and catalysts. The cost model is same as the
one developed by (Frey, 1990). The number of trains is estimated based on the
recovered sulfur mass flow rate and the allowable range of recovered sulfur mass
flow rate per train used to develop the regression model. The number of total trains is
the number of operating trains and one spare train. Typically, one or two operating
trains are used. The direct capital cost model as developed by (Frey, 1990) and
scaled to 2000 dollars is:

M, )" R*=0.994
DCp = 696N, | —252 1
“| Noe n=21
where,
M? C,o
695 < | ——— | < 18,100 (Ibmole/ hr)
Noc

The regression model is shown graphically in Figure 32.
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As indicated above, the capacity of a single train varies by a factor of over 20.
Typically, one or two operating trains and one spare train are used, each with equal
capacity. Because there was a prior expectation that the cost of the Claus plant
should be modeled using an exponential scaling relationship based on recovered
sulfur capacity, with a coefficient near 0.6, this model can be extrapolated at the high
end of the range. However, as with all other models, it is recommended that the
number of trains be selected so that extrapolation is not required.

Tail Gas Treatment (Beavon-Stretford)

The process is considered commercially available. The capital cost of a Beavon-
Stretford unit is expected to vary with the volume flow rate of the input gas streams
and with the mass flow rate of the sulfur produced. Data from two EPRI-sponsored
studies were used to develop a regression cost model (Fluor, 1983a; 1983b). An
additional two studies were reviewed for inclusion in the database, but information
regarding key process parameters (e.g., recovered sulfur flow rate) was not reported.
The two EPRI studies report limited performance and cost data for nine different
Beavon-Stretford unit sizes. For example, there is incomplete information about inlet
gas streams flow rates. Because of the limited availability of performance data, a
regression analysis based only on the sulfur produced by the Beavon Stretford
process was developed. However, this regression yielded an excellent fit to the data.
The direct capital cost model as developed by (Frey, 1990) and scaled to 2000

dollars is:
]0.645

The high coefficient of determination indicated for this model implies either that an
exponential cost model is an excellent predictor of the costs of Beavon-Stretford
units, or that the costs developed in the EPRI studies were based on a simple scaling
model as an approximation. Therefore, it is not immediately clear if this model
merely represents an accepted industry practice for developing preliminary cost
estimates, or if it accurately reflects the cost of Beavon-Stretford units.

R?=0.998
n=7

ms,BS,o

DCpyg = 63.76 + 73.1NT53S(
O,BS

where,
75 <my pg , <1,200 Ib/hr

s

Typically, two operating and one spare train are assumed. Although the regression
model is an excellent fit to the data, it is recommended that the number of trains be
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adjusted so that the recovered sulfur flow rate per train does not exceed the limits

given above. As a default, the number of operating and total trains for this process
area is assumed to be the same as for the Claus plant process area. The regression

model is shown graphically in Figure 33.
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Figure 33 Predicted vs. Actual cost of the Beavon-Stretford Section

Hydrolyzer

A hydrolyzer may be required to convert COS to H,S prior to the Selexol unit. At
present, no detailed study has been performed. Until one is completed, the cost is
assumed to be 5% of the sulfur capture system.

O&M Cost

Makeup chemicals or catalysts are required for the sulfur removal and recovery
systems in all IGCC designs. For cold gas cleanup systems, the makeup requirements
include Selexol solvent, Claus plant catalyst, Beavon-Stretford catalyst and
chemicals. For the hot gas cleanup system with off-gas recycle, the only requirement
is for makeup zinc ferrite sorbent. For a hot gas cleanup system with sulfuric acid
recovery, makeup sulfuric acid catalyst is also required. The operating material
requirements for these systems are summarized below.

To estimate the total variable operating cost, the annual material requiremernts
appropriate to the given system must be multiplied by their respective unit costs. In
the Beavon-Stretford chemical case, the unit costs are based on a process flow rate
(i.e., sulfur recovered in the Beavon-Stretford unit) because the material
requirements of the consumables themselves are not reported.

The total variable cost is then:

VocC = Occonsumables = Z m; - UCi

Selexol Makeup Solvent Cost

The makeup solvent cost in units of M$/yr in 2000 dollars is calculated as follows:
UCy,,.s =1.96 $/Ib solvent

VOMsolv s = UCsolv S[ij ‘Myopy,8,i & : 1.06_6 M—$j
' ’ b e yr $
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Claus Makeup Catalyst Cost

The makeup solvent cost in units of M$/yr in 2000 dollars is calculated as follows:
UC,,.c =478.08 $/ton catalyst

VOMcat c= UCcat C[iJ *Mege ¢ 1(w_n] ! 1'06_6(M_$j
’ "\ ton oy $

Beavon-Stretford Makeup Catalyst Costs

The makeup solvent cost in units of M$/yr in 2000 dollars is calculated as follows:
UC,,;. ps =184.71 $/ton catalyst

$ ton _¢[ M$
VOMcat,BS = UCcaz,BS[ j ' mcat,BS,i(_J -1.0e 6[—)
ton yr $

Beavon-Stretford Makeup Chemical Costs

The Beavon-Stretford process requires a catalyst for the Beavon unit and a special
chemical for the Stretford unit. The chemical requirements for the Beavon-Stretford
process were estimated from the values reported in (Fluor, 1983a), which includes
data for a range of plant sizes. From these data, a simple linear relationship of
chemical requirements as a function of the sulfur recovered in the Beavon-stretford
unit was identified, as shown in Figure 34. In the case of the Stretford chemicals, the
mass requirement is not given. However, the cost of the initial Stretford chemicals as
a function of the recovered sulfur flow rate was developed. The resulting regression
models for the chemical requirement, in 2000 dollars, is:

R*=1.00
Ci,BS,Chem =85.8- Mg BS.0 _
n=>5
where,
100 < my s, < 2,100 (Ib/hr)
200000
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Figure 34: Initial Stretford Chemical Cost for the Beavon-Stretford Process.
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Beavon-Stretford Makeup Chemical Costs

The regression shown below is the cost of the Stretford chemicals, in 2000 dollars, as
a function of the sulfur recovered in the Beavon-Stretford process. The model is
shown graphically in Figure 35.

_ R*=1.00
Ci,BS,Chem = 170“’/‘ LW _
n=>5
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Figure 35: Annual Chemical Cost for the Beavon-Stretford Process
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